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INTRODUCTION

The Clean Air Act Amendments of 1990 made it necessary to accelerate the development of scrubber systems
for use by some utilities buming sulfur-containing fuels, primarily coal. While many types of Flue Gas
Desulfurization (FGD) systems operate based on lime and limestone scrubbing, these systems have drawbacks
when considered for incorporation into long-term emissions control plans. Although the costs associated with
disposal of large amounts of scrubber studge may be managcable today, the trend is toward increased disposal
costs. Many new SO, control technologies are being pursued in the hope of developing an economical regenerable
FGD system that recovers the SO, as a saleable commercial product, thus minimizing the formation of disposal
waste. Some new technologies include the use of exotic chemical absorbents which are alien to the utility industry
and utilities’ waste treatment facilities. These systems present utilities with new environmental issues. The
SOXAL™ process has been developed so as to eliminate such issues.

The objective of the nominal 3 MW SOXAL pilot plant at Niagara Mohawk’s Dunkirk Power Station was to
demonstrate the technical and economic feasibility of this regenerative FGD process to remove SO, from the fluc
gas of a coal-fired boiler. The key demonstration component was the integration of a bipolar membrane system
with proven sodium scrubbing and steam stripping technologies. Previously, bipolar membrane systems had been
commerciatly proven in applications unrelated to flue gas desulfurization.

Sodium alkali scrubbing of the type used in the SOXAL process is an accepted and proven method for removing
SO, from gascous streams. It is the system of choice in many industrial applications due to its lower capital
requirements, higher SO,removal efficiencies, and low mai costs. A large number of sodium scrubbers
have been operated successfully at industrial and utility sites. The main drawback of such systems is the higher
cost of the sodium scrubbing solution versus the reagents required for calcium-based systems. The SOXAL
process minimizes the cost of sodium scrubbing by regenerating the scrubbing solution for reuse whilc
simultaneously recovcring the sulfur as a saleable product.

PROCESS DESCRIPTION ‘
The SOXAL FGD process has four major unit operations which are illustrated schematically in Figure 1:

The prescrubber removes chlorides, fluorides and residual particulates by watcr scrubbing.
The sodium sulfite scrubber removes the SO, from the flue gas.

The bipolar membrane cell stack regencrates the spent sodium bisulfite solution.

The stcam stripper removes the SO, from the sulfurous acid.

The primary reactions in the sodium sulfite (Na,SO) scrubber are as follows: SO, rcmoval is accomplished by
the reaction of the SO, with Na,SO, in the scrubbing solution to form sodium bisulfite (NaHSO,). In addition,
aportion of the Na,SO,; in the scrubbing solution is oxidized to sodium sulfate (Na,SO, ) by reaction with oxygen
(0,) in the flue gas stream. The Na,SO, can be recovered in a saleable crystalline form. Regeneration of the
spent scrubbing solution is achieved in the primary bipolar regeneration unit which is shown schematically in
Figure 2. Each cell has a bipolar membrane and a cation selective membranc. The bipolar membranes separate
the water molecules into hydrogen (H*) and hydroxyl (OH) ions, and NaHSO, is converted to Na,SO, In
addition, sodium ions (Na**) migrate across the cation selective membrane into the basc compartment. These
become associated with OH-ions and form NaOH. Most of this NaOH reacts with NaHSO, to form Na S0, for
recycle to the scrubber. The HSO," anions that remain in the acid eompartment associate with H* ions from the
bipolar membrane to form sulfurous acid (H,S0,). The partially saturated H,SO, stream is continuously
withdrawn from the cell stack and is subsequently decomposed into SO, gas and water molecules in the stcam
stripper.

PILOT PLANT FACILITIES

The3 MW SOXAL pilot plant demonstration facility was installed at Niagara Mohawk’s Dunkirk Power Station
on Lake Erie near Buffalo, NY. This station has two (2) 100 MW and two (2) 200 MW tangential coal-fired
boilers. The slip-stream of the flue gas for the 3 MW pilot plant was extracted after the induced draft fan of Unit
No. 4. During the demonstration, this boiler was fired with bituminous coat from Pennsylvania and West Virginia
which had an average sulfur content of 2.1%, ash content of 7.1%, and heating value of 13,100 Btu per pound.
The 3 MW SOXAL pilot plant was located adjacent to Unit No. 4 to minimize the amount of duetwork required
to provide the slip-stream of flue gas to the scrubber and to retum the processed flue gas back to the station stack.
In addition, most of the utilities required for the pilot plant were available with minimal interconnect distances
between the station and the pilot plant.

Both the prescrubber and scrubber were designed and supplied by Advanced Air Technology. The water-based
prescrubber measured 4.5 fect in diameter by 25 feet in height. It had a Hastelloy quench section, an FRP shell,
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a six-foot bed of polypropolyene packing, and an FRP mist eliminator. The sodium-sulfite-based scrubber
measured 4.5 feet in diameter by 40 feet in height. It had two, six-foot high polypropylene-packed stages.
Operation of these units was easy and reliable. No fouling was observed. Considerable particulate matter was
removed by the prescrubber, and there was no significant carryover from the prescrubber to the scrubber.

The bipolar membrane cell stack used during the demonstration had 44 two-membrane cells. Each cell included
a single bipolar membrane and a cation membrane. Only 176 square fect of cell area was required at the pilot
plant, and standard commercial bipolar membranes were used. A DC rectifier provided the energy required to
regenerate the absorbent solution. The initial cell stack was operated for over three months with no hardware
problems. While some individual membranes occasionally had to be replaced, the overall performance of the
stack was well within expectations. At no time was testing delayed due to membrane failures.

The pilot plant steam stripper column measured 16 inches in diameter by 21.5 feet in height. It had a stainless

" steel shell and contained a six-foot bed or random Kynar packing, A small bed of this same packing material was

used as the mist eliminator. Early in the test program, instrumentation failures gave the erroneous impression
of low stripping efficiency. However, once these problems were identified and corrected, the steam stripper
column operated as designed.

Although some problems were encountered relative to pumps, flow meters, weld leaks, etc., most of these were
corrected prior to the main demonstration program. As a result of failure of the continuous SO, gas analyzer to
operate properly, it was necessary to use an outside testing service during the last four months of the test period
in order to obtain accurate and continuous SO, measurements. In general, most of the instrumentation mstalled
was reliable and performed up to expectations after initial start-up. The operators found the pilot plant facility
to be easy to operate with minimal stalfing. Two engineers and four operators d all shifts, including the
7 days per week, 24 hours per day periods of continuous testing.

TEST DESCRIPTION

The 3 MW SOXAL pilot plant test program took place over a seven-month period and included both continuous
operation and parametric tests. Failure of the continuous SO, analyzer severely limited the amount of quantitative
SO, data collected during the first two months of testing. During this time, it was possible to demonstrate
continuous operation of the bipolar membrane cell stack in integrated operation with the scrubber and stream
stripper systems. The overall process was kept in balance while producing regenerated scrubbing solution and
concentrated SO,. .
Immediately afier a previously scheduled one-month boiler outage, parametric testing was initiated in accordance
with the following test plan: '

Test

Initial Baseline Studies’

. Absorber Parametric Studies

- Lower Stage pH

- Recycle Rate

- Number of Beds

- SO, Concentration

Cell Stack Parametric Studies
- Base pH

- Recycle Rate

- Cell Stack Current

- Conversion Rate

- Cell Stack Temperature

Stripper Temperature Studies
Overall Optimized Operation

Obiecti
Establish Baseline

Maximize Absorption
Maximize Absorption
Minimize Oxidization
Minimize Oxidization/Maximize Absorption

Reduce Flush Cycle

Reduce Cost and Flush Cycle
Reduce Power Consumption
Reduce Power Consumption
Reduce Power Consumption

Optimize Efficiency
Maximize Absorption/SO, Removal

During the four months of parametric testing, the Dunkirk boiler was operated at a reduced load overnight and
was shut down on weekends due to a lack of power demand. As a result, parametric testing was carried out on
a“‘decoupled” basis, five days per week. In other words, when studies were conducted on the absorber, the cell
stack unit was shut down, and vice versa. The pilot plant was operated from full storage tanks of either spent
or regenerated absorbent. The portion of the process not undergoing testing at any given time was operated
overnight to replenish the spent or regenerated absorbent inventory for the next day’s testing. The parametric
studies were not felt to have been significantly affected by the unanticipated boiler cycling and shutdowns.

TEST RESULTS

The data collected during the demonstration period is summarized in Table 1. During the first two months of
testing, the pilot plant was operated continuously. During the last four months of parametric testing after the
boiler outage, the pilot plant consistently demonstrated over 98 percent SO, absorption as is shown in Figure 3.
During this same period, the SO, concentration in the flue gas ranged between 1000 and 1500 ppm as is shown
in Figure 4. It appears that the same high level of SO, absorption was probably achieved during the initial two-
month continuous run when the SO, analyzer was not operational. The test results also show that when higher
inlet SO, levels were obtained by recycling some of the recovered SO, to the serubber, SO, absorption was
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enhanced and oxidation of the scrubber solution was reduced. Oxidation of the scrubber solution is an important
parameter in the economics of the SOXAL process. Test results showed that total oxidation during SO,
absorption was well within the design range even without the use of additives or any other attempt to minimize
oxidation.

The major parameters associated with the operation of the bipolar membrane cell stack are its power consumption
and durability. During the demonstration period, power consumption by the cell stack was consistently in the
range of 1100 to 1300 kWh/ton of SO, removed as is shown in Figure 5. This is consistent with anticipated
power consumption and the value that was used in EPRI’s 1990 economic evaluation of the process. During over
2,500 hours of pilot plant operation, the bipolar membranes proved to be extremely durable. An acid wash
proeess was used to minimize fouling of the membranes during the demonstration period, and the optimum
operating conditions noeded to minimize membrane washing were determined.

CONCLUSIONS
1. Continuous integrated operation of the absorption and regeneration portions of the pilot plant was
demonstrated.

2. The case of independently operating these portions of the SOXAL system was also demonstrated.

3. Over 98 percent SO, removal was consistently achieved.

4. Stable bipolar membrane performance was proven.

5. Cell stack power consumption and scrubber oxidation were consistent with plant design expectations.
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Table 1
Summary of Test Data'
SO, Flue Gas SO, Power
Test Test Description Concen- | Flow Rate { Absorption | Consumed
Code waon | @SCEM) | (®) | (Whten
{op1w 5Q,)
A Simuitaneous® Baseline 916 7,992* 988
A Simultaneous? Baseline 1,202 99.3
AM1 Simuitaneous? with 1.25x Feed-to-Base 1,062 5,205 96.3
AM2 | Simultaneous® with 1.5x Feed-to-Base 1,149 7,562° 98.9
AM2 | Simultaneous? with 1.5x Feed-to-Base 1,189 7,366 97.2
B Absorber Baseline 1,385 5,609 98.7
B Absorber Baseline 1,365 5,201 98.8
B Absorber Baseline 1,316 5,709 98.4
(o Cell Stack Baseline 1,122
c Cell Stack Baseline 1,251
C Cell Stack Baseline 1,082
D1 Absorber Bottoms at 5:1 Ratio Bisulfite: Sulfite 1,361 5,309 99.6
DI Absorber Bottoms at 5:1 Ratio Bisulfite: Sulfite 1,278 5175 98.9
D1 Absorber Bottoms at 5:1 Ratio Bisuliite: Suifite 1,182 5,402 97.7
D2 Absorber Bottoms at 1:1 Ratio Bisulfite: Sulfite 1,086 5,744 100.0
E2 Absorber Recycle at 60 gpm 1,146 5,880 97.9
E3 Absorber Recycle at 45 gpm 1,123 5,771 95.9
F1 Absorber with One Stage 1,211 5,865 82.7
G Absorber with Recycled SO, . 2,141 5,407 99.6
G Absorber with Recycled SO, 2,167 5,394 100.0
G2 Absorber with Recycled SO,, 5:1 Ratio Bisulfite: Sulfite 2,228 5,377 99.4
H2 Cell Stack with 1.25x Feed-lo-Base 1,131
Ii Cell Stack at 80 ASF* 1,049
12 Cell Stack at 125 ASF* 1,331
Ji Cell Stack at 80% Acid Conversion 1,334
J2 Cell Staek at 120% Aeid Conversion 1,292
P Simultancous® with Recycled SO, 2,013 4,917 99.6 1,204
P Simultaneous? with Recycled SO, 2,015 5,108 99.8 1,229
P Simultaneous? with Recycled SO, 2,155 5,053 99.8 1,238
P Simul ? with Recycled S0, 2,047 5,036 100.0 1,199
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Table 1 (Continued)

E : R S0, Flue Gas 80, " Power
- Test-- - Test Description -Concen~ | Flow Raté | ‘Absorption }-Consumed
Code : : tration | (RSCEM) @ kWhitop -
P Simultaneous® with Recycled SO, 1,865 5,264 99.9 1,215
P1 Simultaneous® with Recycled SO, at 125 ASF* 1,934 4,905 99.7 1,427
Pl Simultaneous? with Recycled SO, at 112 ASF* 2,042 5,268 99.9 1,370
Pl Simultaneous? with Recycled SO, at 112 ASF* 2,023 4,019 99.8 1,242
Pl Simultaneous® with Recycled SO, at 112 ASF* 1,969 5,092 99.9 1,260
U1 Absorber Recycle at 45 gpm; 5:1 Ratio Bisulfite: Sulfite 1,069 5,398 93.6
U2 Absorber Recycle at 75 gpm; 5:1 Ratio Bisulfite: Sulfite 1,097 5,376 943
v Cell Stack with 5:1 Ratio Bisulfite: Sulfite Feed 1,152
Notes: .
1. Each data point typically represents the average of four measurements taken during an eight-hour test.
2. Simultaneous indicates continuous operation of both absorption and regeneration processes. All other
tests were conducted in a “decoupled” mode.
3 These flow rates are in ACFM (actual cubic feet per minute). All others are in DSCFM (standerd
cubic feet per minute - dry basis).
4. Baseline regeneration tests were perfarmed with 400 amps of operating current. Since the

membranes had four square feet of cross-sectional area, this is equivalent to 100 ASF (amps per

square foot).
Dirty Flua Gas Claan ‘NaOH Racoverad
S02, HC! Flua Gas Maksup S0,
Scrubber Feed Stripper Fead
Na,30, ,30,, Na,50,
Flue Gas
.
Oxsa | Acid
-
— _>__LJ Stoam
Spent Abzorbem
NaHSO0,, Na,$0,
Purge Stream Purge Stream
HCH Na,50,
[~ 9, [-:73 Srran
ABSORSER  ARSOREER Sraor Sremaew
Figure 1
SOXAL Process Flow Sheet
Sodium Sulfite
Na,S0, f f * v
Sulfurous Acid
—A- I - | | —  H,S0,
Anode ( ‘ Cathode
Sodium Bisulfite i
NaHSO, -—Cell Umt—>

Figure 2
Schematic of Bipolar Membranc Regeneration Unit
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INTRODUCTION .

The Milliken Clean Coal Demonstration Project was selected for funding in Round 4
of the U.S. DOE’s Clean Coal Demonstration Program. The project’s sponsor is New
York State Electric and Gas Corporation (NYSEG). Project team members include
CONSOL Inc., Saarberg-Holter-Umwelttechnik (S-H-U), NALCO/FuelTech, Stebbins
Engineering and Manufacturing Co., DHR Technologies, and ABB/CE Air Preheater.
The project will provide full-scale demonstration of a combination of innovative
emission-reducing technologies and plant upgrades for the control of sulfur
dioxide (SO,) and nitrogen oxides (NO,) emissions from a coal-fired steam
generator without a significant loss of station efficiency.

The demonstration project is being conducted at NYSEG’s Milliken Station, located
in Lansing, New York. Milliken Station has two Combustion Engineering 150 MWe
pulverized coal-fired units built in the 1950s. The S-H-U FGD process and the
LNCFS-Level III Tow-NO, burner are being installed on both units.

I. S-H-U Process
A. Background

The Saarberg-Holter Umwelttechnik GmbH (S-H-U) flue gas desulfurization (FGD)
process commenced operation at the NYSEG Milliken Station in mid-January 1995;
Unit 1 operation is scheduled to begin in late June. The S-H-U SO, control
technology is based on a forced oxidation, formic acid-enhanced wet iimestone
scrubber. Project goals include:

e Demonstration of up to 98 percent SO, removal efficiency while burning
high~sulfur coal;

e Production of commercial grade gypsum and calcium chloride by-products

to minimize waste disposal;

lero wastewater discharge;

Space-saving design;

e A low-power-consumption scrubber system.

Parametric testing of the S-H-U process is scheduled to begin September 1, 1995.
The test program will provide operation and performance data to confirm that the
S-H-U FGD process can meet regulatory requirements for new and existing utility
boilers. The data also will provide a basis for process optimization and for
economic evaluation. The physical and chemical data required for by-product
sales or disposal of gypsum, FGD blowdown sludge, and calcium chloride will be
developed.

B. Description of the S-H-U Contactor

As shown in Figure 1, the absorber has a cocurrent section followed by a
countercurrent section. There are four slurry spray headers on the cocurrent
side and three on the countercurrent side. The two-stage design helps maintain
the slurry pH in the optimum range. Also, cocurrent operation reduces pressure
drop. The two-stage absorber is designed to be compact, allowing easier
retrofit. The absorber is constructed of concrete and is lined with corrosion-
and abrasion-resistant ceramic tiles. This design is expected to reduce

- maintenance.

The FGD system is designed for zero waste water discharge. A blowdown stream is
removed and treated to control the scrubber chloride concentration and produces
a saleable concentrated calcium chloride solution.
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C. Start-up Results

The scrubber is operating using four or five spray headers which provides an L/G
.of 119 to 157 gal/kacfm. The dewatering system produces gypsum containing less
than 10% moisture by weight. To achieve the design slurry chloride
concentration, the brine concentrator system started up until June 1995. The
following table shows preliminary SO, removal results.

L/6, gal/kacf 119 123 129 130 154 157
%S0, Removal 95.0 95.4 95.6 96.4 97.2 97.6

D. Parametric Test Plan

To define the performance 1imits of the S-H-U FGD system, Unit 1 will operate at
design conditions, provide long-term data, and evaluate the FGD load-following
capability. The steady-state chloride level is expected to be about 40,000 ppm
Cl by wt. Limestone utilization will be held constant at the design level. For
each test, the scrubber pressure drop and SO, removal will be measured. The
effect of process variables on gypsum crystal morphology will be studied during
tests using the design sulfur coal. The project will use coals which contain
1.6, 3.2 (design coal), and 4 weight percent sulfur. The following is a
discussion of the parameters to be varied.

The plant design is based on a coal sulfur content of 3.2 weight percent. The
coal sulfur content will be varied over a range of 1.6 to 4.0 weight percent
using at least three different coals. The purpose is to demonstrate the S-H-U
technology with low-sulfur coal, design coal, and high-sulfur coal. Parametric
tests will not be performed using the high-sulfur coal; instead, the process will
be operated at optimum conditions based on the results of parametric tests using
the design coal and computer modeling results.

The design scrubber slurry formic acid concentration is 800 ppm. Formic acid
concentrations of 0, 400, 800, and 1600 ppm will be tested. The purpose is to
demonstrate the effect of formic acid concentration on SO, removal and scrubber
operability.

Various combinations of spray headers in the cocurrent and countercurrent
sections will be tested. The purpose is to generate data to optimize SO, removal
performance and scrubber energy consumption. The mass transfer coefficients will
be determined individually for the cocurrent and countercurrent sections using
the results from these tests. By changing the number of spray headers in
operation at constant flue gas flow, the scrubber L/G ratio will be varied.

The design gas velocity is 20 ft/sec in the cocurrent scrubber section and
12 ft/sec in the countercurrent section. Tests at higher velocity (15 to
20 ft/sec in the countercurrent section) will be performed on the Unit 2 scrubber
by shunting gas flow from Unit 1 to the Unit 2 scrubber. The purpose is to
provide data on high gas velocity scrubbers. Recent literature (e.g., Ref. 2)
suggests that FGD capital cost can be reduced significantly by increasing the
design velocity in the absorber. These tests will be performed using the design
formic acid concentration (800 ppm).

The design Timestone grind is 90% -170 mesh when using formic acid and
90% -325 mesh with no formic acid. For comparison purposes, tests will be
performed using 90% -170 mesh without formic acid and using 90% -325 mesh at
800 ppm formic acid concentration in the scrubber.

The test coal sequence is Tow-sulfur coal (1.6%) followed by the design coal
(3.2%), and lastly the high-sulfur coal (4%). The test plan includes 103
six-hour tests using low-sulfur coal, 61 seven-day tests using design sulfur
coal, and one two-month test using high-sulfur coal. The tests are statistically
designed to study parametrically the effect of formic acid concentration,
L/G ratio, and mass transfer on scrubber performance.

II. Low-NO, Concentric Firing System-Level III (LNCFS-III)
A. Background ‘

Both Milliken units were retrofitted with the LNCFS-1II burners. The objective
was to reduce NO, emissions to comply with the 1990 Clean Air Act Amendments
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(CAAA), while continuing to produce marketable fly ash. The Unit 1 burner
retrofit was in 1993 and the Unit 2 retrofit in 1994. New coal mills were
installed during the burner outage.

The effectiveness of LNCFS-III burner retrofit to reduce NO, emissions was
evaluated in short-term tests (2-4 hours each) and long-term tests (60 days)
while burning a high-volatile eastern bituminous coal. The short-term tests were
statistically designed to evaluate the impact of burner operating parameters on
NO, emissions and Voss-on-ignition (LOI}. The long-term test consisting of 60
measurement days was used to estimate the annual NO, emissions and was consistent
with the Utility Air Regulatory Group (UARG) recommendations. The baseline tests
were conducted on Unit 2 and the post-retrofit tests were conducted on Unit 1,
since Unit 1 was not available for baseline testing prior to its retrofit.
Conducting baseline testing on one unit and post-retrofit testing on the other
unit was an acceptable option because pre-retrofit NO, emissions from the two
units differed by less than 0.03 1b/MM Btu. Long-term Nb_ emissions from the two
Milliken units were 0.64-0.68 1b/MM Btu at 3.5%-4.5% 0, af the economizer outlet.

B. Parametric Test Program Results

The short-term parametric tests evaluated the impact of boiler load, excess 0,,
and burner tilt on NO, emissions and LOI. Post-retrofit testing included as
additional parameters mill classifier speed, SOFA tilt, and SOFA yaw. Variation
of CO was not a consideration in this study because CO measurements were less
than 13 ppm for the baseline tests and less than 23 ppm for the post-retrofit
tests.

Figure 2 shows full boiler load (140-150 MWe) variations of NO, emissions and LOI
with economizer 0, for the baseline and the post-retrofit tests. Only post-
retrofit tests in which over-fire air (SOFA and CCOFA) flows and mill classifier
speeds did not vary were included in Figure 2. At the same 0, level, the scatter
of the data was partly due to experimental variation and fo the variation of
other parameters, such as burner tilt. Under both baseline and post-retrofit
conditions, higher 0, levels increased NO, emissions and reduced LOI. A simple
inverse relationship was observed between baseline NO, emissions and LOI. The
post-retrofit relationship between NO_emissions and Lot was more complex because
of the larger number of the LNCFs-T11 parameters. The LNCFS-III configuration
typically had 0.17-0.19 1b/MM Btu lower NO, emissions and 2.4%-2.9% (absolute)
higher LOI relative to the baseline. In general, NO, reductions were about 35%
and post-retrofit LOI levels were about 4%.

The effect of mill classifier setting on NO, emissions and LOI at 120 MWe for
different economizer 0, levels (3.0%, 3.4%, and 4.5% nominal) are shown in
Figure 3. Increasing tﬁe classifier speed corresponds to finer pulverized coal
(increasing classifier speed 40 rpm is estimated to increase coal fineness from
75% to 90% through 200 mesh) which dramatically reduced LOI. Furthermore, NO,
emissions could be reduced by as much as 0.05 1b/MM Btu by increasing the
classifier speed 40 rpm. Similar trends were observed at full boiler loads.

Baseline changes in burner tilt had a significant effect on NO_emissions and a
minor effect on LOI, whereas, post-retrofit changes in Burner tilt had
significant effects on both NO, emissions and LOI. Increasing the LNCFS-III
burner tilt below the horizontaf {negative tilt) was effective in reducing both
NO, emissions and LOI, but was limited by its impact on the main steam
temperature.  Following the burner retrofit, a control algorithm provided
automatic variation in burner tilt to maintain the main steam temperature.

Changes in SOFA tilt had minor effects on NO, emissions, LOI, and steam
temperatures. Furthermore, changes in SOFA yaw had minor effects on NO,
emissions, but increased LOI if the SOFA yaw was different from the fuel firing
angle. However, SOFA yaw changes were accompanied by automatic changes in burner
tilt to maintain steam temperatures, and the effects of the two parameters on LOI
could not be isolated.

C. Long-Term Test Results

Long-term measurements (60 days) were used to estimate the achievable annual NO,
emissions, and to evaluate the effectiveness of the LNCFS-III burner retrofit.
Figure 4 compares long-term NO, emissions from the two Milliken units (baseline
and LNCFS-IIT) at full boiler Yoad (145-150 Mwe). At 3.3%-3.6% economizer O,,
NO, emissions dropped from baseline levels of 0.64 1b/MM Btu to post-retrofit
levels of 0.39 1b/MM Btu, corresponding to a reduction of about 39%. At a boiler
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load of 80-90 MWe and at 4.5%-5.0% economizer 0,, NO, emissions dropped from
baseline levels of 0.57 1b/MM Btu to post-retrofit levels of 0.41 1b/MM Btu,
corresponding to a reduction of about 28%.

In summary, NYSEG believes LNCFS-TII burner retrofit is a cost-effective
technology to comply with Title IV of the 1990 CAAA. NO, emissions below 0.4
1b/MM Btu could be achieved, while maintaining salable fly ash. To date, burner
operations are acceptable.
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Figure 1.
SCHEMATIC OF S-H-U FGD SYSTEM AT THE NYSEG MILLIKEN STATION
(One of Two Absorbers Shown)
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SCR AND HYBRID SYSTEMS FOR UTILITY BOILERS: A REVIEW OF CURRENT
EPRI-SPONSORED RESULTS
Kent D. Zammit
Electric Power Research Institute
3412 Hillview Avenue, P.O. Box 10412
Palo Alto, California 94303

Keywords: Selective Catalytic Reduction (SCR), NOx Reduction, Hybrid Systems

Selective Catalytic Reduction (SCR) has been widely demonstrated in Europe and Japan
as a postcombustion NOx control technology. However, most of this experience has
been gained using relatively low-sulfur fuels, typically less than 1.5 percent. By
comparison, the application of SCR in the United States has been much more limited,
and to date the experience base is virtually non-existent for coal- and oil-fired boilers.

Higher fuel sulfur content corresponds to higher concentrations of SO3 and SOz which
can lead to potential poisoning and more rapid deactivation of the catalyst. In addition,
SCR catalysts have the potential to oxidize SO2 to SO3, which can lead to serious
problems with ammonium sulfate and/or bisulfate deposition in the air preheater,
marketability of fly ash, and potential increases in plume opacity. A number of
elements present in fly ash, such as arsenic and alkaline metals, may poison the active
sites of an SCR catalyst.

Regulatory forces stemming from the 1990 Clean Air Act Amendments have the
potential to require the use of SCR in the U.S. for both new and existing units.

In response to uncertainties in the cost and feasibility of SCR for the U.S. utility
industry, EPRI has sponsored a multi-pilot plant test program to evaluate the feasibility
and cost of SCR as a function of fuel type and SCR/host boiler configuration. This
paper discusses three of those pilots: the high sulfur/high dust unit at the National
Center for Emissions Research, TVA; the post-FGD unit at EPRI's Environmental
Control Technology Center, NYSEG; and the residual oil-fired unit at the NiMo Oswego
Steam Station. Each pilot represents a 1 MW(e) equivalent SCR reactor divided into two
parallel sections to allow for simultaneous testing of two catalyst types. Operating
conditions for each pilot are listed in Table 1.

The pilot SCR catalysts were designed to maintain certain performance criteria over
guaranteed and design lifetimes of 2 and 4 years, respectively. Performance goals call
for 80% NOx conversion with residual ammonia (slip) levels of less than 5 and 2 ppm
at the exits of the second-to-bottom and bottom catalyst layers, respectively. At TVA

(5 catalyst layers), the 5 and 2 ppm slip limits apply to the outlets of the fourth and fifth
catalyst beds, and at NYSEG and NiMo (3 layers), the limits apply to the outlets of the
second and third catalyst beds. )
TVA HOT SIDE, HIGH SULFUR/HIGH DUST SCR PILOT

The TVA pilot was eventually equipped with features to counter the effects of fly ash
on the SCR catalysts, including relatively large cell openings, a non-catalytic "dummy"
catalyst layer, screens above each catalyst layer, streamlined reactor and sootblowers
above the first and fourth layers. The TVA pilot was operated between May 1990 and
May 1994 for a total of approximately 22,000 hours.

Catalyst Activity. Both initial TVA test catalysts exhibited significant deactivation
which was exacerbated by frequent boiler/pilot shutdowns early in the test program.
Analysis of ash samples from the reactor identified a mechanism in which the ash
deposits become enriched with sulfur via interaction with ambient moisture during
shutdowns. As the moist acidic deposits reacted with alkaline ash constituents, hard
deposits were formed that permanently plugged a number of catalyst channels. This
mechanism may have also occurred on a smaller scale on the catalyst surface and within

catalyst pores, and contributed to formation of a masking layer and consequential loss
of catalyst activity.

The original V/Ti catalyst was tested for the entire pilot operating duration. Results of

catalyst sample activity measurements by the manufacturer are shown in Figure1. The °

measurements were made on small sections of the catalyst sample that were free of
plugged channels; therefore, results were directly comparable with data shown in the
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figure from selected European experience. In all cases, the samples from bed 1
exhibited a higher activity than those from bed 3, which may indicate the positive
influence of sootblowers located above the first catalyst layer, but not above the third
layer.

Figure 1 also shows the activity curve for replacement V/Ti test elements installed in
the center of catalyst beds 1 and 3 for approximately 8,000 hours exposure. The
replacement elements featured different hardness values than the original catalyst
charge. Although the replacement elements exhibited a lesser rate of deactivation, the
positive effects of altering catalyst hardness are not entirely conclusive because a lower
sulfur coal was being fired while the replacement elements were in place.

The original zeolite catalyst failed to meets its performance criteria after 5,000 hours
of operation and was replaced after approximately 12,000 hours with a reformulated
zeolite design from the same vendor. The reformulated catalyst showed improvement
in its baseline activity and in the rate of deactivation compared to the original catalyst.

Bulk and surface chemical measurements were also made by both catalyst vendors to
monitor changes in the composition of the catalyst and the accumulation of potential
catalyst poisons. Bulk analysis results indicate increases in the concentrations of
arsenic, sodium, and potassium with increasing exposure time.

Catalyst Plugging Countermeasures. The TVA pilot represented a severe environment
with respect to potential catalyst plugging due to the high ash loading and the alkalinity
of the ash. Periodic reactor inspections revealed considerable buildup of solids on the
outer catalyst blocks, which resulted from "wall effects” in the relatively small reactor.
Over the course of the test program, the flue gas pressure loss across the V/Ti catalyst
increased from below 4 inches to over 10 inches of water. Manual counting of the
plugged channels showed that nearly 55% of all V/Ti catalyst channels had become
permanently plugged when testing ended.

A number of strategies were implemented or considered during the test program to limit
increases in catalyst channel plugging. These include screens, sootblowers, vacuuming,
and moisture avoidance. All strategies employed at the pilot were successful to a certain
degree, but their need and practicality for full-scale SCR application will vary.

Other Operating Issues. Several operational issues were encountered during the TVA
test program that provided pilot experience with full-scale SCR design implications.
These include: ammonia injection nozzle pluggage in the high sulfur/high dust
environment, artifact reactions over sampling probe materials during NOx and
ammonia sampling, process control issues associated with zeolite catalyst ammonia
adsorption/desorption times, and CEM system maintenance and sample
preconditioning issues specific to high sulfur/high dust SCR systems.

NYSEG POST-FGD SCR PILOT

The NYSEG SCR Pilot begin testing in December 1991 and is currently operating, with
test catalysts exposed to flue gas for approximately 21,000 hours. Key pilot results
include catalyst performance in the relatively clean post-FGD environment and cost
issues associated with flue gas reheat. A recuperative heat-pipe heat exchanger (HPHE)
recovers heat from the gas exiting the reactor and an additional 185°F of reheat input

is required to maintain a reactor temperature of 650°F.

Heat Exchanger Fouling Effects. Because the cold end of the NYSEG HPHE operates
below the maximum condensation temperatures of ammonium sulfate /bisulfate and
sulfuric acid, the test program was focused on evaluating exchanger fouling effects
(i.e., heat transfer loss, increase in gas pressure drop, and corrosion).

Figure 2 shows the relative decline in heat transfer and increase in flue gas pressure
drop across the return side of the heat exchanger during operating periods with distinct
ammonia slip levels. In the figure, heat transfer is expressed as a fraction of the design
rate to normalize exchanger efficiency for changes in gas flow and reactor temperature.
The figure also shows the effects of internal water-washing between operating periods.
Water-washing was very effective in dissolving and removing deposits, and
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consequently in restoring heat exchanger performance and pressure drop to original
conditions.

Figure 2 also illustrates the importance of minimizing ammonia slip from SCR catalysts
in the post-FGD configuration. At the pilot unit, severe heat exchanger performance
- degradation was avoided when the average ammonia slip was held to below 2-3 ppm.

An extensive corrosion testing program was undertaken to examine the potential
problem of cold-end corrosion of the HPHE tubes. The surface temperature of these
tubes is typically 60°F colder than the bulk flue gas temperature. The program included
on-line corrosion monitoring, test samples, and test heat pipes of various metals. The
results of this program are beyond the scope of this paper.

Catalyst Activity. A post-FGD configuration requires less catalyst and problems
associated with high flue gas sulfur and fly ash content are avoided. No screens,
"dummy" catalyst layers, or reactor sootblowers are required. The overall catalyst
volume is lower than its high dust counterpart because of the higher surface area-to-
volume ratio inherent to a smaller pitch catalyst. The favorable reactor environment
also lessens the rate of catalyst deactivation, and further reduces catalyst volume
requirements to achieve a given catalyst life.

The original composite V/Ti catalyst exhibited severe deactivation and was replaced
after only 5,300 operating hours. Activity changes occurred exclusively during pilot
shutdowns, which suggested that ambient moisture had aided in the mobilization and
penetration of catalyst poisons throughout the active catalyst surface layer.
Contaminants that penetrated the catalyst included silicon, sodium, potassium,
phosphorus, and sulfur, while calcium and iron were concentrated at the surface.

The source of the contaminants is the fine ash and FGD carryover solids that are lightly
deposited on the catalyst surfaces during operation. The original extruded V/Ti
catalyst and the replacement composite V/Ti catalyst showed no measurable activity
change in pilot tests over 13,100 and 12,700 hours, respectively. Therefore, given the
same performance goals, a post-FGD catalyst would be expected to exhibit a
substantially longer catalyst life than its high sulfur, high dust counterpart.

A short testing period was dedicated to catalyst evaluation at temperatures below the
typical lower limit of 600°F to determine the potential for reducing the operating
temperature in the post-FGD configuration. To accomplish this, SCR catalysts would
need to overcome performance effects from kinetic limitations at low temperature, and
from possible fouling due to condensation of ammonium-sulfur compounds on the
catalyst surface and within the catalyst pores.

At reactor temperature of 550°F, the extruded V/Ti catalyst exhibited marginally lower,
but steady performance over 1,400 operating hours even though catalyst fouling was
detected. The composite catalyst exhibited a more severe performance decline that
varied with changes in the inlet NOx concentration from the host boiler. After each

test period, both catalyst's performance was restored to original levels when the
temperature was raised to baseline (650°F) conditions.

NiMo RESIDUAL OIL SCR PILOT

The NiMO pilot unit was operated between October 1991 and October 1993, with flue
gas flowing through the unit for approximately 4,800 hours. The host boiler is used for
load following, typically cycling down to 20% MCR overnight, and with hourly load
changes of up to 60% MCR.

Catalyst Activity. Activity changes were measured by both catalyst vendors on
samples taken after 2,400 and 4,100 operating hours. The relative activity of the
corrugated plate catalyst increased during both test intervals, and exceeded the original
activity by 24% by the end of the test program. The effect was attributed to deposition
of vanadium from the flue gas on the catalyst surface, since SO, oxidation rates also
increased with time over both catalysts. The measured fuel oil vanadium content varied
between 55 and 170 ppm during the test program.

The activity of the top layer of composite V/Ti catalyst decreased somewhat during the
test program, but no overall performance change was detected via pilot NOx conversion
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and ammonia slip measurements at the reactor exit (after 3 layers). After 4,100 hours,
the activity of the top layer declined by roughly 20% based on the average of values
from samples taken from the tops of the first and second layers, and essentially no
activity change was seen in the second and third beds during the course of the test
program.

Deactivation in the first layer was attributed to masking by a thin layer of solids found
on the catalyst surface. The catalyst vendor concluded that solids deposition and
consequential activity loss at the top of the reactor was exacerbated by the aggressive
catalyst pitch (3.6 mm). A more conservative catalyst design and additional measures
to prevent solids deposition (i.e., sootblowers above every catalyst level) are advisable
for full-scale SCR systems in similar heavy oil service.

Catalyst Plugging and Deposition. Although the particulate content of the flue gas
from the NiMo host boiler is considerably less than that at TVA, problems with catalyst
deposition and pluggage were encountered throughout the test program. Reactor
deposits were found to consist of oil ash, magnesium oxide (MgO) and magnesium
sulfate, the magnesium source being fuel oil additives. Plugging countermeasures for
the pilot were limited to sootblowers above the first catalyst layer and routine catalyst
cleaning during system shutdowns. '

Although not proven at the pilot scale, more strict control of MgO usage may reduce
solids deposition and catalyst pluggage effects in full-scale SCR systems for residual oil
boilers. In addition, sootblowers were found to be highly effective in preventing catalyst
pluggage in this service in a detailed evaluation at another EPRI-sponsored pilot.

Other Operating Issues. Operational lessons from the NiMo pilot study include the
demonstration of direct liquid ammonia injection, and process control issues associated
with inconsistent aqueous ammonia concentrations and deep cycling of the host boiler.

SCR Design and Operational Recommendations Report

Results from all EPRI-sponsored pilots are currently being incorporated into a guidance C.
document entitled SCR Design and Operational Recommendations: R&D Lessons Learned

(EPRI Report TR-105103). The report will be released later in 1995, and will include

results and design implications from the three pilot studies described in this paper, in

addition to the results from the advanced SCR pilot system at the Pacific Gas & Electric

Company's Morro Bay Station, and the multi-pilot SCR system at Southern Company

Service's Plant Crist sponsored under the DOE's Clean Coal Technology Program.

HYBRID SCR

Hybrid selective catalytic reduction (SCR) systems consist of either a combination of
SCR techniques (i.e., in-duct SCR combined with air heater SCR) or selective
non-catalytic reduction (SNCR) in combination with SCR.

Depending on unit-specific parameters, a hybrid can offer advantages that include:
reduced capital cost, higher NOx reduction without extensive unit modifications; lower
system pressure drop; safer and less expensive chemical storage; lower ammonia slip;
and operational flexibility. However, a hybrid system can present some drawbacks that
may make them less beneficial. These include: system complexity, higher chemical
costs, and potentially higher capital costs.

EPRI commissioned a study to document the current experience and develop a tool by
which ‘utilities can determine the applicability of Hybrid SCR to meet their NOx
reduction goals, a guideline for selecting the best configuration, and a reference for
developing the design parameters necessary to implement the technology. There are
a number of technical and commercial considerations which must be resolved prior to
designing or procuring a Hybrid SCR system. The boiler operating, temperature, and
emissions data necessary for the final design are presented along with the process
design variables which must be specified. Procurement suggestions are included to
assist the user in addressing some of the more pertinent commercial issues.
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Table 1
Typical SCR Pilot Operating Characteristics

vAS Stati NYSEG Kintigh Stati NiMo O Stati
Host Boiler Fuel Type High (2.5-5.0%) SCoal ~ Med. (1.5-2.5%) $ Coal 1.5% S Residual Oil
Pilot Configuration Hot Side/High Dust Post FGD Hot Side
Total Flue Gas Flow, scfm 2100 2000 2000
Reactor Temperature, °F 700 650 700
Inlet NOy, ppm 450 300 200-1000
Inlet SO, ppm 2000 150 800
Inlet SO3, ppm 20 5 23
Particulate, gr/dscf 30 0.0012 0.091
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REMOVAL OF MULTIPLE AIR POLLUTANTS
BY GAS-PHASE REACTIONS OF HYDROGEN PEROXIDE

Vladimir M. Zamansky, Loc Ho, Peter M. Maly, and William R. Seeker
Energy and Environmental Research Corporation
18 Mason, Irvine, CA 92718

Keywonds: Air Pollution, Hydrogen Peroxide, NO,
INTRODUCTION

Hydrogen peroxide is a large-volume chemical with a wide range of applications in different
industries. 1f properly stored, hydrogen peroxide solutions in water are stable, with no loss of the
effective substance. Environmental applications have become a major area of use for hydrogen
peroxide because it is not itself a source of pollution, and water and oxygen are the only reaction by-
products. There is a variety of developed or developing environmental technologies which use H,0,
as an active reagent: detoxification and deodorization of industrial and municipal effluents; low
temperature removal of nitrogen oxides, sulfur dioxide, cyanides, chlorine, hydrogen sulfide, organic
compounds; low temperature treatment for catalytic NO-to-NO, conversion, etc.

This study develops a novel concept of high-temperature H,O, injection into combustion gases or
other off-gases followed by gas-phase reactions of H,0, with NO, SO,, CO, and organic compounds.
Experimentat and modeling data show that a water solution of hydrogen peroxide injected into post-
combustion gases converts NO to NO,, SO, to SO,, and improves the removal of CO and organic
compounds due to chain reactions involving OH and HO, radicals. The existence of the chemical
reaction between NO and hydrogen peroxide has been proven earlier experimentally by Azuhata et
al.! at long residence times of approximately 12 sec which are not applicable to air pollution control.
In this study effective NO-to-NQ, and SO;-to-SO, conversion, as well as CO and CH, oxidation, was
predicted by kinetic modeling and measured experimentally in the temperature range 600-1100 K in
a practical range of reaction times (t,) from 0.2 to 2.0 s.

EXPERIMENTAL

In the current work, the bulk of experiments were carried out in a flow system which consists of four
parts, a gas blending system, a liquid injection system, a reactor, and an analytical train. The gas
blending system is a set of rotameters capable of preparing a flowing mixture of O, with addition of
NO, COor CH, in N, as a carrier gas. The liquid injection system includes a burette containing 3%
H,0,/H,0 solution and a precision metering pump for delivery of the solution through a capillary tube
to the heated reaction zone. For the study of the SO,/H,0, reaction, dilute sulfuric acid was added
into 3% H,0, solution. At a temperature of 500-600 K H,SO, is converted into H,O and SO, and this
is a convenient means of producing a gas mixture containing known amounts of H,0 and SO;. The
rates of pumping the water solutions of H,0, and H,SO, were chosen so as to provide the desired
concentrations of H,O, and SO, in the gas mixture.

The prepared gas and liquid mixtures go to the reactor which was located in a 1 m three zone
electrically heated furnace. The first and the third zones (25 cm each) were heated to 450-600 K to
evaporate the liquid, to preheat the gas mixture and to avoid condensation of the reaction products
in the reactor. In the second heating zone (50 cm long) which was the reaction zone, the temperature
was varied from 450 to 1300 K. All tests with air pollutants were performed with a 2.7 cm ID quartz
reactor. The experimental gas mixture could be passed through the reactor and then sent to analysis,
or it could be sent directly to analysis. The analytical train included a Thermoelectron
Chemiluminescent NO/NO, analyzer, a Thermoelectron Gas Filter Correlation CO analyzer, a
Thermoelectron Pulsed Fluorescence SO, analyzer, Flame Ionization Total Hydrocarbon analyzcr
and permanganate titration of H,0,.

In addition to the laboratory-scale experiments done with synthetic gas mixtures, a set of experiments
on NO-t0-NO, conversion was also carried out at pilot scale in a 1 MBtu/hr Boiler Simulator Facility
(BSF) buning natural gas with stoichiometric ratio of 1.2. The furnace has two sections: a vertically
down-fired tower (56 cm in diameter and 6.7 m height) and a horizontal convective pass (20 x 20 cm
cross section, 14.2 m long) simulating typical tcmpcrature profiles of full-scale utility boilers.
Solutions of hydrogen peroxide, methanol or their mixtures (15% in water) were injected by a fluid
nozzle into the convective pass at different temperatures. Flue gas was sampled downstream in the
convective pass at different temperatures with residence times from 0.2 t0 2.0 s. Most experiments
were conducted with sampling at about 500 K and analysis by NO, and CO meters.

The Chemkin-II kinetic program? and a reaction mechanism based on Miller and Bowman review
paper’ were used for kinetic modeling.
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LABORATORY-SCALE RESULTS

Gas phase reactions of H,0, are complicated by heterogeneous processes, and therefore, a preliminary
set of experiments was done for a mixture without air pollutants (1100 ppm H,0, - 7.3% H,O -
balance air) to define the degree of H,0, heterogeneous decomposition under different experimental
conditions and to estimate how much H,O, will be available for the useful homogeneous reactions
with air pollutants. A water cooled impinger with a known amount of KMnO, solution was installed
at the exit of the reactor. The concentrations of hydrogen peroxide leaving the reactor were defined
by "on-line titration", e.g. by measuring time for which the gas passes through the KMnO, solution
until decoloration. Results show that about 75% H,0, decomposes at temperatures which are lower
than the threshold temperature for homogeneous decomposition. The measured heterogeneous rate
constant was 5.5exp(-1,250/T) s, and it was included in modeling. A substantial excess of H;0, was
used for the tests with air pollutants. It is worth noting, however, that in the scope of scaling up the
process the surface chemistry becomes less important in large size industrial installations. All
concentrations of hydrogen peroxide, shown in this Section, are calculated values after substraction
of the heterogeneously decomposed H,0O, bebore the reaction zone from initial H,O, concentrations.

NO-10-NO, Conversion. Two set of tests were performed to demonstrate the NO to NO, conversion
in the presence of H,0,: variation of temperature and variation of reaction time. Two initial gas
mixture compositions were used for the tests with different temperatures: (1) 100 ppm NO - (160-
220) ppm H;0, - 4.2% O, - 4.8% H,0 - balance N, and (2) 100 ppm NO - (90-120) ppm H,0, - 4.4%
0O, - 1.7% H;O - balance N,. The flow rates of the H,O, solution were 0.05 and 0.14 ml/min
correspondingly and reaction time t=1-2 s. Experimental and modeling results for the same
conditions are presented in Figure 1. One can see that experimental and modeling results agree at
least qualitatively and that at H,04/NO ratios equal to 1.6-2.2 and 0.9-1.2, the achievable NO-to-NO,

conversions are 95 and 80%. In the next set, the experiments were conducted at 820 K, and air was

added to the mixture (1) in order to increase the gas flow rate and decrease the reaction time. The
concentrations of NO and H,0, were adjusted to the same levels as in previous tests. Concentrations
of H,O and O, were 4.7-7.0% and 4.2-15%. Five various air flow rates from 2.5 to 10.0 Ymin were
checked, and there were no visible difference in the final NO concentration: it was in the range of 10-
12 ppm att,=0.4-1.4 s.

S0:-10-SQ, Conversion. Average gas mixture composition for these experiments was 100 ppm SO, -
(160-220) ppm H,0, - 4.2% O, - 4.8% H,0 - balance N, and the reaction times were between 1.0
and 1.6 s. Under certain conditions SO, reacts with H,0, to form SO,. No sulfur dioxide was formed
at T=600-1100 K when hydrogen peroxide was absent in the mixture. SO, measurements and
modeling for different H,0, concentrations are shown in Figure 2. One can conclude that SO, is
converted to SO, in a temperature range of 800-1100 K with up to 75-85% efficiency.

5Q;. The goal of this set of experiments was to show the
improvement of the CO oxidation in the presence of H,O,. In other words, it was expected according
to kinetic calculations that H,0, will make it possible to reduce CO concentrations at lower
temperatures than that without H;O,. The results of experiments and calculations are compared in
Figure 3 at t=1.0-1.5 s for three mixtures: (1) 90 ppm CO -4.2% O, - (160-220) ppm H,0, - 4.8%
H,0 - balance N,, (2) the same mixture but without H,0,, and (3) the same mixture but without H,0,
and H,0. Modeling for the mixture (3) was done at 10 ppm H,0 in the mixture because in
experiments it was prepared without special drying. It is clear that experiments and modeling well
agree and that H,0, promotes CO oxidation but at rather low extent, about 20% at 860-960 K.

Q. In the presence of H,0, the temperature limit of CH, removal
is substantially shifted to lower temperatures. This is shown in Figure 4 at t,=1.0-1.8 s for three
mixtures: (1) 90 ppm CH, -4.2% O, - (160-220) ppm H,0, - 4.8% H,0 - balance N,, (2) 90 ppm CH,
- 44% O, - (90-120) ppm H,0, - 1.7% H,0 - balance N,, and (3) the same mixture as (1) but without
H,;0, and H,O. In the temperature range from 790 to 1060 K, the addition of H,O, can provide from
20 to 90% CH, removal. Maximum performance is observed at T = 900 - 1040 K.

PILOT-SCALE RESULTS

An attractive method of NO-t0-NO, and SO;-to-SO, conversion by injection of methanol into the flue
gas was described by Lyon et al.* In pilot-scale experiments recently performed by Evans et al.’, 87%
NO-t0-NO, conversion was achieved. Unfortunately, a problem with using methanol is the formation
of CO as a by-product. Each molecule of NO or SO, converted into NO, and SO, produces a
molecule of CO, and CO is not oxidized to CO, at methanol injection temperatures.

" Results of NO and CO measurements after injection of H,O, and CH,OH are shown in Figure 5 for
two initial NO levels of 400 (Figure 5a) and 200 ppm (Figure 5b). For all tests the molar ratio of
{Agentl/INO] was 1.5, and O, concentration in flue gas was 3.8%. Maximum NO-to-NO, conversion
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was in the range of 80-87% for H,O, injection and 87-92% for CH,OH injection. For comparison,
in the previous tests®, 87% NO-to-NO, conversion was achieved by CH,OH injection. The minimum
of the temperature window is shifted to lower temperatures in the case of H,0, injection as predicied
by kinetic calculations. The mechanisms of NO-to-NO, conversion by H,0, and CH,0H injection
are similar, and therefore the slight decrease in performance of H,0O, can be explained by the
heterogeneous decomposition which might be still noticeable in the 20 x 20 cm duct.

As for CO measurements, the H,0, injection almost does not affect 24 ppm CO exiting the furnace
tower, which is consistent with the laboratory-scale tests for low H;O, levels. Methanol injection
generates high CO emissions of about 600 and 300 ppm as shown in Figure 5.

Methanol is less expensive than H,0,. Therefore, if CO emissions are considered to be the primary
drawback of CH,OH injection, one strategy might be to add as much CH,OH as possible within CO
limits, and then add enough H,O, to obtain target NO conversion. In light of this, several tests were
performed in which the agent consisted of various combinations of CH;OH and H;0,. In Figure 6
measured NO and CO concentrations are shown at different agent injection temperatures for various
[H,0,JICH,OH] mixtures. Initial NO and CO levels for these tests were 70 and 30 ppm respectively,
and total CH,OH-+H,0, concentration was always 105 ppm. At H,0,/CH,OH=1:1 (52.5 ppm H,0,)
NO-to-NO, conversion was approximately the same as for pure CH,OH injection, and then NO
conversion decreases incrementally as [H,0,]/[CH,0H] ratio increases. The CO emissions increase
also incrementally as CH;OH concentration grows (Figure 6b). The temperature window for NO-to-
NO, conversion had about the same minimum for ali H,0,/CH;OH mixtures and incremental
temperature shift was not observed. This is explained by appearance of OH radicals at lower
temperatures in the presence of H,;O,. The NO and CO concentrations shown in Figure 6b were
measured at the minimum point of the H,0,/CH,OH temperature window, 800 K, except for the NO
and CO concentrations after injection of pure methanol ([H,0,]=0). These concentrations were
measured at 866 K, the minimum point of the CH;OH temperature window.

DISCUSSION

It is known that NO, is much more soluble in water than NO. Kobayashi et al.® demonstrated that
NQ,; can be removed by aqueous solutions of various inorganic and organic reagents. Senjo et al.”
reported several methods of NO, removal by sodium salts. It was also proven by Zamansky et al.®
that NO, can be removed efficiently in modified calcium-based SO, scrubbers. Since flue gas
desulfurization systems are increasingly required for SO, removal after combustion of sulfur
containing fuels, the conversion of relatively inert NO into much more reactive NO, and corrosive
SO, into SO, becomes promising for combined NO, and SO, removal.

Hydrogen peroxide injection is a "green" process. It is not dangerous for the atmosphere, there is no
additional soot, CO or nitrogen compounds formation as may be expected from urea, cyanuric acid
or methanol injection. H,0O, can be injected as a water solution at various concentrations. The
products of the H,0, decomposition at high temperatures are H,0 and O, which are environmentally
acceptable. Therefore, hydrogen peroxide can be applied in any reasonable excess to air pollutants
for their complete or partial removal depending on current needs without risk of ammonia, CO or
other dangerous compound breakthrough.

In the homogeneous H,0, decomposition the total amount of OH radicals increases due to
dissociation: H,0, +M - 2 OH + M. The hydroxyl radicals formed have several reaction routes,
including (1) the reaction with H,0, molecules to form HO, radicals: OH + H,0, -~ H,0 + HO,; (2)
chain termination steps, such as OH + HO, - H,0 + O,; and (3) interaction with carbon-containing
compounds, such as CO, CH, and other organics: OH + CO - CO, + H, OH + CH, -~ H,0 + CH,,
etc. The total CH,-O, reaction, CH, + 20, = CO, + 2H,0, is promoted in the presence of OH
radicals. As known from the literature®, H,0, enhances oxidation of some other organic compounds
due to the chain processes involving OH and other active species. Cooper et al.’ found that injection
of H,O, in dilute air mixtures of heptane and isopropanot increases the rate of their destruction at T
=910-1073 K and t, = 0.26-0.94 s.

The HO, radicals, formed in the reaction of OH radicals with H,0,, play an important role in
poltutants removal. The interaction of HO, radicals with NO, HO, + NO - NO, + OH, is the only
rapid NO reaction at low and moderate temperatures, and this is the principal route of NO-to-NO,
conversion. The HO, species react also with SO, followed by HSO, thermal decomposition:

HO, + SO, ~ HSO, + O, and HSO; +M - SO, + OH + M.

Both modeling and experimental results show that NO is not converted to NO, in the absence of H,0,,
but SO;, CO, and CH, are converted to SO, and CO, at higher temperatures even without H,0,
addition. However, in non-ideal practical combustion systems all these pollutants, SO, and carbon-
containing compounds, are present in flue gas, and H,0, injection will reduce their concentrations.
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The position of the H,0, temperature window is defined by chemical nature of H,0, reactions. At
temperatures lower than 600 K the homogeneous H,0, decomposition is very slow and OH and HO,
radicals are not formed. At temperatures higher than 1100 K, concentrations of all radicals in the
system become very high, and the rate of recombination reactions which are quadratic on radical
concentration prevails over the rate of their reactions with molecules. An important factor is also the
decomposition of HO, radicals at temperatures higher than 1000 K. Thus, H,0, is active only in the
temperature range of 600-1100 K.

It is believed that four chain reactions are involved in removal of air pollutants:

NOQremoval: OH + H,0, - HO +HO,

HO, + NO - NO, + OH - chain reaction
SQ,removal: OH + H,0, - HO +HO,

HO, + SO, - HSO, + O,

HSO, + M- §0,+OH + M - chain reaction
CO reduction: OH + CO - CO,+H

H+0,-OH+0O . - chain reaction
CH, reduction: CH, +20,=CO, +2H,0 - chain reaction

(promoted in the presence of OH radicals)
Thus, the single reagent can remove multiple air pollutants.

One can use H,O, injection in combination with other NO, control technologies, such as reburning,
ammonia or urea injection, etc. to reduce NO 10 a very low level. In this case rather Jow NO

concentrations (100-200 ppm) will react with H,O,, which reduces the cost for the additive and

reduces the residual (after scrubbing) NO, concentration, preventing the NO, brown plume. For
example, in the COMBINOX process which includes reburning, urea injection, methanol injection
and SO,/NO, scrubbing, H,0, could either completely or partially replace methanol to meet CO
regulatory limits. Assuming 90% NO-to-NO, conversion by H,0, injection and taking into account
the pilot-scale results in other COMBINOX steps the total process will reduce NO, emissions by 96%.

CONCLUSIONS

This paper demonstrates the feasibility of multiple pollutants removal (NO, SO, CH,, and CO) by
hydrogen peroxide injection within reaction times (0.2-2.0 s), temperatures (600-1100 K), and other
conditions which are in the practical range for its application in boilers, furnaces, engines and other
combustion installations. In the presence of H,O,, maximum NO-t0o-NQO, conversion was 95% in the
flow systern and 87% in pilot-scale at H,O/NO = 1.5. SO, was effectively converted to SO, with up
to 85% efficiency. CO-t0-CO, conversion was slightly enhanced by about 20% at temperatures of
about 900 K. Formation of carbon monoxide is incrementally increases when methanol is added to
H,0, Mixtures of methanol and hydrogen peroxide can be injected to remove NO and to meet CO
regulations at reduced cost for the additive. In the presence of H,0,, CH, is effectively (70-90%)
removed from flue gas at 1000 K and at H,O/NO= 0.9-2.2. Kinetic modeling describes quantitatively
or at least qualitatively all substantial features of NO, SO, CO and CH, reactions with H,0,.
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INTRODUCTION

Achieving efficient particulate control in coal burning elec-
tric utility plants is becoming an increasingly difficult propo-
sition, given the variety of regulatory, technical, operating and
environmental pressures that exist in the U.S.

For most powerplants, particulate control is achieved by an
electrostatic precipitator (ESP). Under optimal conditions, mod-
ern ESPs are capable of achieving particulate removal. efficien-
cies of 99.7% and higher... well within the regulatory levels
prescribed by the Clean Air Act. Unfortunately, optimal condi-
tions are not always present. ESPs are sensitive to flue gas

. conditions, and those conditions may change dramatically after a

fuel switch or the installation of some types of emissions con-
trol technology upstream of the ESP.

Gas conditioning has been shown to be an effective means of
returning flue gas to the “optimal” conditions required for effi-
cient ESP operation following a fuel switch to a low, or at
least, lower sulfur coal. Borrowing technology common in conven-
tional soap-making plants around the turn of the century, sulfur-
burning SO3 gas conditioning has been the solution to may diffi-
cult fuels in electrostatic precipitators. Although it has con-
tributed most to improved ESP performance after a fuel switch,
conventional gas conditioning has significant drawbacks, includ-
ing the need for maintaining a little chemical plant, and other-
wise storing or handling toxic materials.

In an effort to develop an alternative to conventional SO3 gas
conditioning, the Electric Power Research Institute (EPRI) initi-
ated a research and development project that has produced an
alternative and modern technology for flue gas conditioning, now
called EPRICON, and licensed it to Research-Cottrell.

FLUE GAS CONDITIONING
Changing Flue Gas Conditions

The majority of ESPs now operated by U.S. electric utilities
are more than 20 years old, and were designed to operate primar-
ily on high sulfur fuels. When designed, these devices were capa-
ble of meeting opacity standards of 20 per cent and emissions
levels in the range of 0.1 1b/MMBtu. Those earlier emissions con-
trol standards have been replaced by a host of subsequent regula-
tions, most recently the Clean Air Act Amendments of 1990, many
of which directly or indirectly affect particulate collection.

Switching from high sulfur to a lower sulfur coal is currently
the favored means of attaining compliance under Title IV of the
CAAA, which regulates acid gas emissions. Different coals have
different chemical and physical characteristics, however, and can
be expected to change flue gas conditions and particulate proper-
ties substantially. Some low sulfur coals have high ash contents,
for example, and will increase particulate loading, which may
strain the ash handling system. For coals with a very low sulfur
content, typically one per cent or below, the resulting flyash
exhibits high electrical resistivity, which may significantly
reduce ESP performance.

Addressing High Resistivity

A small fraction of the SO, produced by the combustion of coal
is converted to SOy (typically less than 2%). When temperature
and humidity condifions are favorable, the SO; thus generated is
absorbed on the surface of the flyash particles and is sufffi-
cient to reduce ash electrical resistivity.

Under acceptable resistivity levels and other good operating
conditions, ESPs can achieve collection efficiency over 99.9%.
High particle resistivity (typically above SE10 ohm.cm) will
decrease the ESP’s overall collection efficiency, however,
because dust begins to limit current flow and sparking voltage in
the ESP. As an alternative to enlarging the ESP, gas conditioning
can restore the required resistivity conditions to ideal perfor-
mance levels.

Early applications of gas-conditioning used liquid 503 which
was vaporized and diluted with dry air, or concentrated “sulfuric
acid, which was vaporized with hot air. A second generation of
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gas-conditioning technology using SO, as feed material was devel-
oped. More recently, burning molten elemental sulfur to produce
S0, prior to the catalyst bed was proven, and this technology
emerged in the 1970’s as the dominant choice.

The EPRICON Process

The EPRICON process provides required gas conditioning without
the need for external agents, such as liquid SO, or vaporized
molten sulfur. In addition, it eliminates the need to filter the
gas of particulates prior to its entry into the gas-conditioning
chamber, and eliminates the need for an additional fan to move
the conditioned gas into the electrostatic precipitator.

The process (Figure 1) operates by withdrawing a small frac-
tion of the flue gas from a location in the boiler where the
operating temperature is in the range of 800°F to 900°F. This
fraction of flue gas, or slipstream, is then passed over a cata-
lyst heated by the gas, where between 30-70 percent of the SO,
in the flue gas is converted to SO3. The slipstream, now SO;3-
rich, is re-injected after the air preheater but ahead of the
ESP to provide the required SO3 for the reduction of resistivity.

The feasibility of the technology is dependent on case-by-case
conditions. If, for example, 5ppm of SO3 can treat the ash ade-
quately and the flue gas contains 500 ppm, from 1 to 2 percent
of the gas must be treated. Conversely, if 15 ppm of SO, is
needed, a little over 3 percent of the gas containing 580 ppm of
505 would have to be treated. Three percent is considered to be
the upper limit of a range for continuous operation that has
been identified as economically and technically desirable,
although operation above this range to deal with difficult but
temporary coal supplies is feasible.

PILOT PLANT

A pilot program on a pulverized coal-fired boiler was conduct-
ed by EPRI to determine the operability of the catalyst in a
slip-stream flue gas system over a period of time. The pilot
system was constructed at Alabama Power Company’s plant Miller
and identified a number of design parameters for the EPRICON
process. This pilot is still in operation.

FULL SCALE DEMONSTRATION

In the spring of 1994, Research-Cottrell designed and
installed a full-scale turnkey EPRICON system on a 250MW public
utility boiler in the Northeastern U.S. This boiler is about 25
years old, and was originally designed to fire a high sulfur
coal. The new compliance coal is to cover a wide variety of
sources all of which will contain much lower sulfur than the
original design. The boiler is equipped with its original precip-
itator, which cannot meet emissions regulations while the boiler
is firing compliance sulfur coal.

This full scale demonstration system (Figure 2) incorporated
the fundamental premises of the EPRICON technology, such as
avoidance of pre-cleaning the gas (the catalyst operates in
“dirty” raw flue gas) and the absence of an air mover to push
the slipstream through the catalyst chamber (gas flow is induced
through the catalyst by the differential pressure across the air
preheater). The full scale system also borrowed some of the
design parameters of the pilot program, mainly the catalyst
itself and its arrangement, but @fter that, the differences from
the pilot were many.

Inlet Duct

The boiler is physically split in the convective section,
which provided the convenient design choice to provide two paral-
lel catalyst chambers, each with its own gas take-off. The boiler
gas remains split all the way through the precipitators, which is
ideal for side-by-side diagnostic and characterization tests.
Also, there was no need to mix gas from two different tempera-
ture sources.

The twin inlet ducts are fabricated from 1/4” ASTM-A242 plate
apd insulated with 5 of mineral wool covered with a flat alu-
minum lagging. The ducts are simply supported at the boiler cas-
~ lng penetration and the top of the catalyst vessels. An expansion

joint, a guillotine isolation damper, and motorized flow control
damper are installed right at the boiler off-take.
Catalyst Chamber

Although there is a variety of catalyst formulations and sub-
strates that can perform the necessary conversion, it was decided
to.stay with the same catalyst that was selected for the pilot.
{(Figure 3) The chamber is a rectangular cross-section 6’'-6 x 10'-
4, fabricqted from 1/4” A242 plate and has the catalyst blocks
arranged in six (6) layers (two (2) layers have purposely been
left empty for future catalyst addition, if necessary). The cata-
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lyst is supported in the chambers by means of fabricated tee
Secgions. The gas flow through the chamber is vertically down-
ward.

A generous gap was left between catalyst layers for fitting
with “puff” blowers to knock of ash deposits that can form on
the flat tops of the catalyst blocks, but acoustic devices were
also installed as a alternative to air blowing.

Outlet puct And Distribution System

This outlet duct is fitted with a guillotine shut-off damper
provided to isolate the chamber for maintenance. Penetration of
converted flue gas into the main gas duct is by means of a
unique *expansion box* from which the distribution header is
hung. The header answered one of the questions from the pilot
study: simple injection pipes and full height air foils have
proven excellent performance in terms of treated gas injection
and distribution upstream of a precipitator that is very close
coupled to the air preheater. .

System Control

Modulation of the system is simple. A flow transmitter in the
inlet duct modulates a double lovered flow control damper in the
inlet duct directly down stream of the inlet isolation guillo-
tine.

PERFORMANCE

Characterization tests were run in June and July 1994, using a
variety of extraction and instrumented test procedures. .

Flow rates were established using EPA approved methods with a
pilot tube and thermocouple. Good agreement was achieved on the
North (designated side 11) chamber between the measured flow rate
and the flow rate indicated by the installed electronic flow
meter. Flow rates were measured at full boiler load and at a
reduced boiler load. At full load, gas volumetric flow rate
ranged from 23,500 to 28,200 ACFM at approximately 850°F per
side. Lower boiler load tests were run between 13,400 and 15,300
ACFM per side.

503 Conversion

S03 was measured at the inlet and outlet of the EPRICON cham-
ber during 16 characterization tests using both an analyzer
installed on the boiler and by standard wet chemical procedure.
Again, agreement between these methods was good, so eventually,
most reliance was placed on the instrument reading which, besides
being faster, tends to be more accurate. SO, measurements by ana-
lyzer are not possible, so the Goksoyr-Ross controlled condensa-
tion method was used.

SO3 conversion can be approximated by the difference in SO,
concentration at the inlet and outlet of the EPRICON chamber, and
by direct measurement in SO; at the inlet and outlet, the dif-
ference being the apparent conversion from SO, to SO3 by the
action of the catalyst.

Direct SO; measurement indicated a conversion from about 10
ppm at the inlet to about 200 ppm at the outlet, for an average
conversion of over 70% at full load expressed in standard units.
(Figure 4) At low load, conversion increased, as expected, to
about 85%. Compared to SO, measurements, the S0z levels at the
outlet of the chamber appear to be understated. However, the
Goksoyr-Ross method is a non-isokintetic technique which would
tend to under-collect fly ash at the EPRICON outlet. If any 503
were to become attached to flyash particles, perhaps by adsorp-
tion above the condensation temperature, this fraction of the
converted SO, could easily be missed by the test method.
Conditions At The Precipitator Inlet

SC4 concentrations at the ESP inlet ranged between 12 and 23
ppm at high and low boiler loads, respectively. SO and tempera-
ture uniformity were of great interest in the design stage, so
gas sampling at several locations in a grid across the ESP face
was done to measure both SO; and gas temperature.

The results showed acceptable uniformity for both parameters,
and prove the adequacy of the injection apparatus for this tech-
nology. Temperatures were also measured with EPRICON dampered
off. Average flue gas temperature rise across the face of the
ESP was uniformly above 10°F, a little lower than expected, which
is most likely attributable to the somewhat lower than expected
gas outlet temperature from the chambers. SO3 concentration again
is probably slightly understated due to the non-isokinetic nature
of the direct measurement procedure.

Flyash Resistivity And Precipitator Current Density

Fly ash resistivity was not measured directly during these
first characterization tests, but ESP power levels were recorded
with and without EPRICON valved in. Power levels were, monitored
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with one EPRICON chamber on line and the other chamber cut off
with its outlet isolation damper. The on-line chamber was the
shut off and the other chamber was brought on 1line. =
In each case, the change in ESP power was significant and rapid,
showing a strong correlation between EPRICON chamber SO, content
and ESP corona power. (Figure 5) The fact that each EPRICON
chamber serves a separate precipitator reinforces this conclu-
sion. Total ESP power was increased about 200% on Side 11 28 kw
to 68 kw and a little less on Side 12 (35 kw to 65 kw). Overall
ESP was increased from 0.25/Watts/Ft2 to 0.53 Watts/Ft2.

Second Full Scale Unit

In October, 1994, work began on a second EPRICON system on a
near-identical 250MW boiler at the same plant site. Since a com-
plete battery of characterization and performance tests were not
completed prior to the decision to install this second system,
the catalyst chambers are virtually identical except that the
second unit has a simpler access system. This unit was completed
in December, 1994.

THE BOTTOM LINE

Compared to conventional gas conditioning, the EPRICON gas
conditioning system minimizes the need for external chemicals or
apparatus to achieve a reduction of resistivity. The system is
applicable to power stations with high resistivity ash, often
produced by the use of low-sulfur coals, that can be treated
adequately with S03. That reduction of electrical resistivity
will enhance the performance of the ESP particulate-collection
device.

Capital Cost

Based on these two, 250 MW installations, the EPRICON technol-
ogy 1is expected to cost under $4.50/kw on a completely installed
turnkey basis. These two boilers are big enough to scale well to
most other utility sizes except perhaps units over 600 MW or so.
Between 100 and 600 MW, the use of dual chambers should be a
preferred choice when separate or unitized precipitators are
installed, and this is typically the case. Installation labor and
auxiliaries such as dampers, expansion joints, and access systems
comprise over 50% of the total system cost.

Operating Costs

The operating costs of EPRICON are noted in two areas: thermal
penalty due to the 3 percent of flue gas unavailable for heat
exchange through the air preheater, and maintenance of the cata-
lyst bed. Thermal penalties are estimated to be insignificant for
slipstreams of 3 percent or below however, this assumption will
be vigorously tested in- full scale tests. Catalyst rejuvenation
costs are anticipated every two years to restore S0, conversion
efficiency at a minimum of 50 percent. This translates to less
than 7 cents per kw per year.

A second maintenance cost is incurred for catalyst replacement
as a result of breakage. Catalyst replacement costs are estimated
at approximately $1,000 annually.

Present Status
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INTRODUCTION

The control of sulfur dioxide emissions from fossil fuel combustion and other industrial processes
has been recognized as one of the major environmental issues, in both developed and developing
countries. In the US, energy-intensive and space-consuming sorbent scrubbing processes that are
widely used to remove SO, from flue gases also produce huge amounts of process wastes. The
management and disposal of the by-product wastes by landfill not only represent poor resource
utilization, but can cause further environmental and fand use problems.

Activated carbons have offered alternative technologies for the clean-up of flue gas streams. A
dry process for the simultaneous removal of sulfur and nitrogen oxides has been commercialized
by Mitsui - Bergbau Forschung, using granular activated carbons{1]. Carbon is lost in this process
by chemical reaction and by attrition, and to supplement this loss accounts for about half of the
process operating cost. In addition, high capital costs are associated with the large reactor
volumes and the systems to transport granular carbons in moving bed operations, and have
provided obstacles to the wide-scale development and use of the process.

In the early 1970s, studies were made of the continuous oxidation and hydration of sulfur dioxide
over granular activated carbons in a trickle bed, with the desorption of sulfuric acid by flowing
water in the same reactor [2]. Similar concepts of water desorption have been also proposed for
the regeneration of activated carbons {3]. An important feature of these methods is that sulfur
species are converted to useful chemicals in the form of sulfuric acids. However, the wet
desulfurization process is limited by slow rates of oxidation and mass transfer through liquid
phase. Improvements have been recently made to increase process effectiveness and to obtain
high concentration sulfuric acid, including cyclic operation of trickle beds, higher reaction
temperature (at 80 °C rather than ambient temperature) and the loading of platinum on activated
carbons [4,5]. A combined process that also removes NOx has been proposed through selective
catalytic reduction (SCR) with ammonia in a separate unit, possibly using a different activated
carbon catalyst [5]. On the other hand, Mochida and his coworkers at Kyushu University, Japan,
have found that activated carbon fibers (ACF) produced commercially from polyacrylonitrile
(PAN) are very effective catalysts for the continuous removal of SO, from humidified model flue
gases {6,7]. These and other commercial activated carbon fibers have also exhibited activity for
NO oxidation into NO, at ambient temperature {8).

For the past few years, we have been investigating the synthesis of general purpose carbon fibers
and activated carbon fibers from different isotropic pitch precursors [9,10,11]. In collaboration
with the Japanese researchers, we have found that certain fibers that we have synthesized in the
laboratory are very active for the oxidation of SO, and NO [12]. The results were so encouraging
that we constructed a reaction system to make further investigations. In this paper, we describe the
performance of activated carbon fibers and particulate activated carbons for the continuous removal of
SO,. The effects of heat treatment, particle size, and several basic engineering parameters of the catalyst
bed were also examined.

EXPERIMENTAL

Comparisons of catalytic activities for SO, conversion were made using three different types of
activated carbon fibers and 2 commercial granular activated carbon in two particle size ranges.
The activated carbon fibers were produced from coal-tar pitch (a commerciat product from Osaka
Gas Co.) and synthesized in this laboratory from shale oils and coal liquids (The details of the
preparation procedure have been described elsewhere [9,10]). The granular activated carbon
(BPL. type, Calgon Corp.) was produced from bituminous coals and was selected for the study
because this material has been already tested in model flue gas-water systems for SO, oxidation
{4,5,13,14]. Different particle size ranges were obtained by grinding and sieving. The properties
of the activated carbon fibers and particles are summarized in Table 1. Their BET surface areas
are varied from 980 to 1060 m2/g. The activated carbon samples were either used directly or after
heat treatment in nitrogen at 800 °C for 1 hour.
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Figure 1 shows a schematic of the reaction system. The flow of dry gases from cylinders were
metered by mass flow controllers (MFC) into a mixing chamber. Water was added to the gas
mixture exiting the mixing chamber, by passing a stream of air through a water bubbler that is
maintained at constant temperature. The combined gas mixture was fed to reactor at a flow rate
that can be varied from 100 to 3000 ml/min. A tubular glass reactor (typically, $8 x 110 mm)
was equipped with a insulatng jacket for liquid media to be circulated to maintain a stable
reaction temperature. The catalyst bed dimensions can be altered through exchanging different
size tubular reactors. The SO, concentration in the gas stream was monitored continuously with
an infrared analyzer. . The reactor exit gas was passed through a liquid collector and an ice trap
before entering the SO analyzer in order to reduce the water vapor pressure to a low and steady
level. The liquid products from the reactor were drained into the liquid collector.

RESULTS AND DISCUSSIONS

Both fiber and particulate activated carbons in their as-received forms exhibited measurable
activity for the oxidative removal of SO, from the simulated flue gas, Figure 2. In each case, after
a short time on stream, SO5 was detected in the effluent gases and increased in concentration to a
steady value. The steady-state removal (SSR) of SO, is dependent upon the type of activated
carbon. The shale oil-derived fibers showed the highest activity, with 60% SO, removal at steady
state. This result is consistent with our earlier findings [12]. The Osaka Gas fibers had much lower
activity as observed by the Kyushu University group [7], and were comparable to the performance
of some granular carbons. The much higher activity of the shale oil fibers is believed to be related
to their high nitrogen content (coal-tar pitch fibers ~0.5 wt% versus >2.5 wt% for shale oil
products), although the specific role and form of the nitrogens is not understood.

It is to be noted that the activity of the granular carbons is significantly increased upon reducing
the particle size. This indicates the importance of mass transfer limitations in the reaction process
and that these can be reduced by using smaller particle sizes. In practical terms, a catalyst bed
consisting of fine particle activated carbons would give a high pressure drop, especially in the
two-phase flow regime where sulfuric acid is draining through the bed. By udlizing activated
carbon fibers in some suitable arrangement (other than loosely packed), the advantages of
reducing mass transfer effects could be realized without the attendant penalty in pressure drop.
The open pore structure of fiber beds would facilitate fast contact with the reaction surfaces
contained in 10 - 20 microns filaments and assist }iquid drainage.

Figure 3 shows the effects of prior heat treatment on the catalytic activities of both particulate and
fiber activated carbons. Heat treatment has been found to be effective for improving the catalytic
activity of commercial PAN and coal tar pitch-based activated carbon fibers [6,7,8]. At equivalent
loading, the activity of the fibers decreased in the order, shale oil >> coal liquids > coal tar pitch
(Osaka Gas fiber). As in Figure 2, the small particle granular carbon is somewhat more active than
the Osaka Gas fibers, although at double the loading. A comparison of Figures 2 and 3 shows that
the pretreatment procedure greatly increased the steady state activity of the shale oil fibers, from
60 % to about 90 % SO, removal. It can be seen that at high loading, 100% steady state removal
was achieved with heat-treated shale oil fibers and this activity was maintained for at least 72
hours. In contrast, the extent of activity improvement is smaller for Osaka Gas fibers and the small
particle BPL carbons.

Table 2 summarizes the typical reaction conditions and parameters of the catalyst beds for the two
forms of activated carbons: shale oil fibers and small particle granules. Because of the low density
of the fibers, only half the weight of the particulate activated carbons can be packed in a similar
volume. With a reactant gas flow rate at 200 ml/min, space velocities of 10380 and 9180 h-} were
obtained for the activated carbon fiber and particle beds, respectively. Under these conditions,
about 90 % SO, removal was achieved, using heat-treated shale oil fibers with a bed depth of only
23 mm (Figure 3). Complete removal of SOy was obtained by the activated fiber bed 46 mm
deep, with a corresponding space velocity of 5180 h-l. In contrast, using a trickle bed reactor
with granular activated carbons, a few meters depth would be needed to achieve 95% SO,
removal at velocity of from 1000 to 2850 h-! [15). The high rates of mass transfer and reaction
over activated carbon fibers would permit the treatment of high SO; content flue gases and
production of more and high-concentration sulfuric acids as by-product.

SUMMARY

The catalytic performance of fibrous and particulate activated carbons obtained from different
precursors was investigated for SO, removal at ambient temperature, using a humidified model
flue gas. Despite their similar BET surface areas, activated carbon fibers prepared in the
laboratory from shale oil and coal liquids were found to exhibit much higher activity than a
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COmmercial activated carbon fiber produced from coal tar pitch. This confirmed our early findings.
It is considered that the high nitrogen content of the shale oil fibers is an important contributor to
their high activity. However, the form of nitrogen species, and the nature and the role of the
surface groups are not yet understood. Comparisons between activated carbon fibers and
panticulates indicate that the small dimensions (a couple of tens of micron diameters) of the fibers
is a key factor to realizing the full catalytic potential for this application, because of high mass
transfer resistance in the gas-liquid-solid system. Carbon fiber beds can provide an open pore
structure through which reactants and products in both gas and liquid phases can flow to reach
and to interact with the surfaces of carbon catalysts.
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Table 1 Properties of Activated Carbon Catalysts

Sample ID| Type |Size*(um) B;Z as(”r:;;;’ Precursor

AF-SK25 | fiber 6-16 986 shale oil
AF-CE fiber 8-18 1013 coal liquid
AF-O10 fiber 8-20 1057 coal tar
BC2060 | particle | 200 - 600 1048 coal
BC6012 | particle {600 - 1200 1020 coal

* Diameter for fibers or particles

Table 2 Comparison of reaction conditions and SO,
removal for activated carbon fibers and particles

AC type fiber particle
Catalyst bed: .
ACID® AF-SK25 BC2060
Weight (g) 0.25 0.50
Diameter (mm) 8 8
Depth (mm) 23 26
Volume (cm8) 1.16 1.31
Temperature {°C) 30 30
Space velocity ® (h-) 10380 9180
Steady state removai®(%) 89 19

a) Samples heat-treated at 800 °C for 1h in nitrogen.
b) Reactant gas at 200 mi/min: SO, 1000 ppm, O, 5 vol %
H,0 10 vol %, N, balance.

1
SO,/N,—[FC>—» |
CO,/N,—FC>—] 2
Ny —{MFC>—» L |
. Vent
Air S02 .
5 Analyzer
3
6

Figure 1 Schematic of reaction system for evaluation of SO,
continuous removal at ambient temperature:
1, Mass flow controller; 2, Mixing chamber; 3, Water bubbler;
4, Reactor; 5, Liquid product collector; 6, Ice trap
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Figure 2 Activity of as-received activated carbons for SO, removal at 30 °C;
Reactant gas: 200 ml/min, 1000ppm SO,, 5§ vol% 02, 10 vol% H,0 in N,

Removal (%)

0 6 12 18 24 30 36

Reaction Time (h)

1
100 Shale oll tiber {0.50g, AF-SK25)
Shale oil fiber (0.25g, AF-SK25)
80|
60 |
40 )
Coal liquid fiber (0.25g, AF-CE)
20 [:-—__ Partlcle (0.5g, BC2060)
Osaka Gas fiber (0.25g, AF-010)
0 L‘ 1 1

R —

1 Al 1 L
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Figure 3 Activity ot heat-treated activated carbons for SO, removal at 30 °C;
Reactant gas: 200 m{/min, 1000ppm SO,, 5 vol% O,, 10 vol% H,0 in N,

Reaction Time (h)

Heat treatment: 800 °C, 1 h, in nitrogen
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INTRODUCTICN

The reports on the high activity of Cu/zSM5 catalysts for the
reduction of NO in excess 0, [1,2] have generated great interest
in automotive industry. The successful development of catalysts
capable of catalyzing the NO,-reduction under lean conditions is
a requisite for the application of lean-burn engine technology to
production vehicles. The technology offers the potential of
enhancing fuel economy and lowering engine-out pollutants (3]. A
practical automotive catalyst has to have sufficient activity and
long-term durability over the entire range of operating
conditions.

In the process of evaluating Cu/ZSM5-based catalysts for lean-NOy
reduction in our laboratory, it was found that the activity
decreased as the time on-stream increased. Later, the main cause

of the deactivation was determined to be H:0 (steam). The
deactivation has been shown to be accompanied by de-alumination
of the zeolite structure using ?Al-nmr spectroscopy [4]. The

deactivation of Cu/2SM5 under conditions of typical vehicle
exhaust is well known now, but. there is no report with detailed
data representing the process of steam deactivation and comparing
the reactivities of fresh and deactivated catalysts under a broad
range of temperatures.

In this report, the results from our study concerning the effects
of steam on the activities of Cu/ZSM5 catalysts are presented.
The detailed data for the experiments leading to the finding of
steam deactivation are included. Also, the activities for fresh
and steam-deactivated Cu/ZSM5 catalysts are compared between 300
and 600 °C. The temporary effect of steam poisoning on the
activities for lean-NO, reduction depended on the catalysts. The
variation may be related to the nature of Cu-sites on the Cu/ZSM5
catalysts.

EXPERIMENTAL .

The catalysts used in this report were either powder samples or
cordierite monoliths washcoated with Cu/zZSM5. Cu/2SM5 materials
were prepared by a conventional exchange method using HZSM5 or
NaZsSM5 and Cu-acetate. The activity of a catalyst in a flow
reactor system was determined by the difference between the inlet
and outlet concentrations of a reaction gas. Gas concentrations
were monitored using commercial gas analyzers for NO,, HC (total
hydrocarbon), CO, and O,.

RESULTS AND DISCUSSION

In Figure 1, the activity of a monolith catalyst containing
Cu/ZSM5 was measured versus the time in the exhaust generated
from a pulsed flame combustor [5]. In the combustor, isooctane
vapor mixed in a flow of air was thermally combusted. Extra
oxygen was added into the exhaust to simulate lean-burn engine
exhaust. The NOs-conversion decreased with the on-stream time.
One hour on stream was comparable to 30 miles of vehicle
operation. The durability of the Cu/ZSM5-based catalyst in the
exhaust of combusted isooctane was not good.

There are several possible sources that can deactivate a catalyst
in the automobile exhaust. The results in Figure 2 were obtained
to determine the effect of S0,. The NO,-conversions for two
identical monolith catalysts were measured. One catalyst was
exposed to a synthetic gas mixture with 20 ppm SO0,, while the
other one was exposed to the same gas mixture but without S0;.
The NOx-conversion for either catalyst decreased with time. The
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two curves of NOy~conversion versus time were superimposable. The
Comparison in Figure 2 clearly shows that S0, is not the cause of
the observed deactivation.

Figure 3 shows the activities of three identical catalysts versus
aging time. The aging process was simply the heating of a
catalyst in a flow of air. After a certain period of aging, the
catalyst was moved to a flow reactor system and the activity was
measured using a dry mixture of reaction gases. Two catalysts
were aged at 480 °C, one in dry air and the other in wet air
containing 10% H,0. The conversion of NO,, HC or CO remained
constant for 300 hours over the catalyst aged in dry air. The
conversion for the catalyst aged in wet air at 480 °C decreased
with aging time. The sole difference between the constant and
decreasing activities was the existence of 10% H,0 in the aging
media (air). Clearly, the heating in the presence of H,0-steam
caused the deactivation of Cu/ZSM5 catalysts. The decrease in the
activity for the catalyst aged at 380 °C in wet air was also
detectable, even though the rate of decrease was smaller than
that aged at 480 °C.

In order to  compare the activities in a broad range of
temperatures, the NO,-conversion for a fresh CuNaZsM5 catalyst
was measured in a temperature-programmed-cooling process from 600
to 300 °C at 12 °C/min(Figure 4). The addition of 9% H,O0 into the
reaction mixture caused a significant decrease in the NO-
conversion. The activity generally could be regained when the 9%
H,0 was turned off, if the exposure to the steam was not long and
the temperature was not very high. The same experiment was done
for the same catalyst which had been aged in 20% H,0 (figure 5).
The NOs,-conversion for the aged catalyst was lower than that for
the fresh catalyst as expected. However, the addition of 9% H,0
had little effect on the NOy,-conversion of the aged catalyst. The
result indicated that the part of the activity vulnerable to the
temporary poisoning of the steam present in the reaction mixture
was the first lost to the long term steam-deactivation. The
phenomenon may be related to the existence of different Cu-sites
on Cu/ZSM5 catalysts.

CONCLUSION

Cu/ZSM5-based catalysts for lean-NO, reduction deactivated after
long term exposure to the simulated exhaust gas mixture. The
cause of deactivation is the exposure at high temperature to
steam that is always present in vehicle exhaust. For the fresh
CuNaZSM5 catalyst, H;O0 had a temporary poisoning effect on the
NO, conversion. For the steam-aged CuNaZSM5 catalyst, the
poisoning effect of H20 on the NO,-conversion was not noticeable.

ACKNOWLEDGMENT
The CuNaZSM5 samples were kindly provided by Carolyn Hubbard and
Mordecai Shelef.

REFERENCES

(1) Held, W,Konig, A., Richter, T. and Puppe, L., SAE Paper
900496 (1990).

(2) sato, S., Yu-U, Y., Yahiro, H., Mizuno, N. and Iwamoto, M.,
Appl. Catal. 70, L1 (1991).

(3) “Automotive Fuel Economy: How far Should We Go?”, National
Research Council, National Academic Press, Washinton, D. C.,
1992, pp 217-226.

(4) Grinsted, R. A., Jen, H. W., Montreuil, C. N., Rokosz, M. J.
and Shelef, M., Zeolites, 13, 602 (1993).

(5) oOtto, K., Dalla Betta, R. A. and Yao, H. C., J. Air
pPollution Control Association, 24, 596 (1974).

1057



100
20
80

N
50

% CONVERSION

30 =]
20
10 : - L

. g
1] 2 4 6 - 10 12 14 16 18
MILES
(Thousands)

Figure 1. Activity of Cw/ZSM5-Containing Monolith aged in Pusled Flame Combustor
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Figure 2. Effect of Aging in SO, for Cw/ZSMS5-containing Monolith in Flow Reaclor
Si0;/A1;05 = 32, 2.41w1% Cu on CWZSMS, SV = 50,000 hr'!, T = 482 °C
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Flgure 3. Effect of Aging in H;O for Cw/ZSM5-containing Monglith in Flow Reactor
Si0y/A1,0, =32, 2.41w1% Cu on CwWZSM5
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Figure 5. Eflect of H;O in Reaclion Mixture on NO-conversion for Steam-aged CuNaZSM5
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The initial reports on the catalytic activity of Cu-ZSM-5 during NO decomposition and selective
catalytic reduction (SCR) by hydrocarbons[1-3] have generated a lot of excitement and the follow-
up research on this catalyst in recent years. Although the lack of hydrothermal aging stability may
prohibit its practical application, Cu-ZSM-5 provides an excellent system for studying the
mechanism and the structure-function relationship of the zeolite based NOx reduction catalysts.
Reported here are our most recent analysis of the data obtained from the investigations of the
catalytic mechanisms of NO removal over a Cu-ZSM-5 catalyst using the in situ X-ray absorption
spectroscopy method. Two mechanism were studied and compared, they are a) direct NO catalytic
decomposition and b) NO SCR by hydrocarbons in an oxygen-rich gas mixture. The difference and
similarity between the two mechanisms were found through the analysis of cuprous and cupric ion
transition energy shifts, the changes of local coordination structure, the influence of cuprous ion
formation/catalytic activities by Cu exchange level and the type of hydrocarbon used in the catalytic
reactions. The results are summarized in Table I.

In our study of direct NO
decomposition[4,5], we observed that the
Is—4p electronic transition of Cu(I) in Cu-
ZSM-5 appears as a narrow, intense peak
which is an effective measure of changes in
the population of copper oxidation states.
This transition is quite intense after Cu-
ZSM-5 is activated in inert gas flow. The
number of oxygen atoms surrounding the
copper ions also drops from 4 to 2 during
the auto-reduction. After the admission of
a NO/N, gas mixture, the Cu(l) Is—4p
transition intensity decreases but by no
means disappears. By using a XANES
linear summation method, we can calculate
the Cu(I) content as a fraction of the total copper ions. Furthermore, we found that the "excessively”
exchanged Cu-ZSM-5 maintainshigher concentration of Cu(I) under the reaction condition than that
of under exchanged catalyst. During NO decomposition, we observed that the integrated intensity
of the Cu(l) transition varies with the catalytic temperature, although transition energy remains
unchanged. Unshifted Cu(l) transition suggests that the coordination chemistry of the cuprous ion
remains the same while the relative concentration between Cu(l) and Cu(lI) changes, as is indicated
by the variation of Cu(I) intensity. By using a normalized difference XANES method, we calculated
the normalized cuprous ion concentration and
found it correlates well with the NO
decomposition rate from 300 to S00 °C. “
Shown in Fig. 1. This finding supports the
conjecture that Cu(l) participates in a redox E
mechanism during catalyzed NO %‘

Figure 1 The lation bet the lized Cu(l)
concentration and the NO decomposition rate at diffcrent T.
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decomposition in Cu-ZSM-S at elevated
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coordinated cuprous ion.
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In our study of the SCR of NO by

hydrocarbons{6], we observed that, even under
swrongly oxidizing conditions, a significant
fraction of copper ion in ZSM-S5 can be reduced
to Cu(l) at elevated temperature. The rate of
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Figure 2 Comparison of the relative Cu(l) concentration
in different gas mixtures with NO conversion level.
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formation of Cu(T) is less sensitive to the exchange level than to the type of hydrocarbons used. The
power of reducing Cu(IT) to Cu(T) follows the sequence, C,Hy>C,H,>CH,, with methane practically
equals to zero. The similar Cu /s—>4p transition was observed although the peak energy shifted at
different reaction temperature, indicating the formation of the Cu(I)-organic ligands possibly allylic
species during the catalysis. XANES spectra show that the Cu(I) /s—>4p transition intensity changes
with the reaction temperature in a similar pattern as the NO conversion activity (solid line in Fig.
2, obtained from Ref. 7) in the NO/C,H/O, mixture. Shown in Fig. 2. For comparison purposes,
we also studied the Cu(I) concentration change in a similar gas mixture where propene is
stoichiometrically replaced by methane or propane. Unlike propene, methane shows no selectivity
for NO reduction over Cu-ZSM-5. We did not observe any window of Cu(I) enhancement. Propane
is a selective reducing agent and we indeed observed a window of Cu(l) enhancement although the
intensity is much weaker than that observed with propene. Our study indicates that, even in a
strongly oxidizing environment, cupric ion can be partially reduced by propene or propane to form
a Cu(l) which is a crucial step for effective NO conversion through a redox mechanism.

Table 1. The difference and similarity in oxidation state, coordination structure and reaction
mechanism between NO decomposition and NO SCR by hydrocarbons over Cu-ZSM-5

NO Decomposition NO SCR by Hydrocarbons
The cuprous ion, Cu(l), is observed during The cuprous ion is also observed during the
the direct NO catalytic decomposition, NO selective catalytic reduction by

suggesting a redox mechanism in which the | hydrocarbons, suggesting a redox
catalyst's active site is Cu(I). Cu(l) is formed | mechanism which involves the conversion

through the auto-reduction at elevated between Cu(IT) and Cu(T). Cu(l) is formed
temperature which involves a dicopper through the reduction by hydrocarbons. The
process. Cu(I) formation is sensitive to the rate of formation of Cu(l) is not sensitive to
Cu exchange level and the "excessively” exchange level, rather it is very sensitive to
exchanged Cu-ZSM-5 maintains higher the type of hydrocarbons used. The reducing
concentration of Cu(I) than that of power is C,Hg> C;H,>CH, with methane
"underexchanged" under the reaction practically equals to zero.

conditions.

The 15—4p electronic transition of Cu(I) does| The /s—>4p transition energy is shifted at

not shift its energy at different reaction different reaction temperature in the
temperature, indicating that no significant NO/C,H/O, mixture, indicating that the
variation occurs to Cu(l) coordination local coordination of Cu(l) varies with the
environment. reaction conditions. No energy shift is

observed in propane or methane mixture.

The cuprous ion formed through auto- Cu(l) formed by olefine (propene) reduction
reduction is coordinated by two oxygen is also likely to be coordinated by two
atoms. No clear higher shell structure is oxygen atoms, with a possible Cu allylic
observed. Under direct NO decomposition, bond which has not been identified

copper ions consist of the mixture of Cu(l) unambiguously. No evidence of the allylic
and Cu(II), Cud) is coordinated by four compound formation was observed for
oxygen atoms. propane and methane mixtures.

Cu(I) concentration increases with the Cu(l) concentration as the function of the
reaction temperature, and is correlated with reaction temperature depends on the gas

the NO decomposition rate from 300 to compositions. For SCR by propene,

500°C. Discrepancy is observed at 600 °C. normalized Cu(l) intensity at various
temperature appears to overlap with the
normalized reaction rate versus the

temperature.
Cu(I) concentration decreases sensitively Cu(I) concentration also decreases with the
with the increase of the oxygen concentration | increase of the oxygen concentration, but
in the gas phase. with less degree of sensitivity.
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1. Introduction

A large variety of catalysts has been proven to be active in the selective catalytic
reduction of NO by hydrocarbons. Although O, ., acts as a nonselective competitor for
the direct combustion of hydrocarbons, the addition of O, enhances the rate of NO
reduction’. This enhancement has been attributed to the oxidation of NO which leads not
to NO, 4, but rather to adsorbed nitrogen oxide complexes (NO, groups).

Although the reactivity of these NO, groups has not been fully investigated, there are
literature data to suggest that the hydrocarbon must first be activated. Cant and
coworkers® observed a first order isotope effect when CH,; and CD, were used as
reductants. The authors concluded that H-abstraction was the rate limiting step for both
N, and CO, formation. In general, the chemistry for the selective reduction of NO by
hydrocarbons may be comparable to the chemistry of a cold flame®. For these reactions,
H-abstraction is the first step in hydrocarbon activation. It is therefore plausible that the
NO, groups are the sites responsible for the H-abstraction reaction”.

The role of NO, groups on Cu/ZSM-5 and Co/ZSM-5 has been investigated by FTIR
spectroscopy to determine their thermal stability and reactivity towards C;Hg and CH,.
The nature of the evolved gases has been analyzed in separate experiments by mass
spectroscopy.

2. Experimental

2.1. Catalyst preparation

Cw/ZSM-5 and Co/ZSM-5 catalysts were prepared via ion exchange at room temperature
(r.t.) using a Cu(OAc), or Co(NO;), solution with Na/ZSM-5 (UOP lot #13023-60).
Elemental analysis via inductively coupled plasma spectroscopy gave the following data:
CwAl = 0.56, Si/Al = 18, Na/Al = 0.0; Co/Al = 0.48, Si/Al =18, Na/Al =0.34.

Prior to IR or MS experiments the samples were calcined for 2 hrs at 500°C in an UHP
0, flow.

2.2. FTIR spectroscopy

Spectra were collected on a Nicolet 60SX FTIR spectrometer equipped with a liquid N,
cooled detector. The samples were pressed into self-supporting wafers and mounted into
a pyrex glass cell sealed with NaCl windows. Spectra were taken at r.t. accumulating 50
scans at a spectral resolution of lem™. The samples could be pretreated in situ in a gas
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flow at temperatures up to 500°C in a heating zone attached to the glass cell. After in siry
calcination in UHP O,, as described previously, the sample was purged at r.t. for 1 hr
with 25 ml min”' UHP He then saturated in a stream of NO (0.45%) and O, (75%) with a
He balance. For the reduction studies the samples were heated to the reaction
temperatures at 6°/min in flowing C;Hg or CH, (0.25% hydrocarbon in He) at a total flow
rate of 30 ml min"'. Before cooling to r.t. the sample was purged for 10 min with He.
Spectra were taken at r.t.

2.2. MS analysis

For the analysis of released gases, 400 mg of sample were calcined ex situ to 500°C in
UHP O, and then saturated with NO, (0.5%, balance He) at r.t. The reactor was
transferred to a glass, recirculating manifold equipped with a Dycor Quadrupole Gas
Analyzer. Prior to the reduction experiments the sample was heated in vacuo to 225°C
for Cu/ZSM-5 and 150°C for Co/ZSM-5. A sample loop was then filled with a known
amount of hydrocarbon; evolved gases were allowed to recirculate over the sample. The
signal intensities were normalized by an Ar standard. A secondary loop to the manifold
was charged with 3 g of 5 wt.% Ni/SiO, pre-reduced at 400°C. This loop was sealed
from the reactor and manifold during the experiment and was used to remove CO from
the post-reaction analysis of the evolved gases.

3. Results
3.1. FTIR spectroscopy
Fig. 1A shows the FTIR spectra of Cu/ZSM-5 after the exposure to NO + O, at r.t. and
subsequent purge at 200°C in He There are three distinct bands at 1628, 1594 and 1572
cm’! which are attributed to Cu** bonded nitro and nitrate groups. These NO, groups are
stable in He at 200°C for over 14 hrs. However in C;Hy all band intensities decrease A
plot of the band intensities, measured as peak heights and normalized by their initial
intensities, is presented in FiglA’. The rates of reaction of the three NO, groups are
different. One of the nitrate groups (1594 cm’ ) reacts fast, whereas the other mtrate
group (1572 cm’ ) reacts sluggishly. The reactivity of the nitro group (1628 cm’ h
exhibits an induction period of 20 min after which it is consumed at a comparable rate to
the nitrate group at 1594 cm™. In CH,, the Cu*NO, groups are not depleted at
temperatures below the thermal decomposition.
In the case of Co/ZSM-5 the main feature after NO + O2 saturation is shown in Fig 1B. It
consists of two broad bands at 1526 and 1310 cm™. The former band is ascribed to a

Co? "« ONO complex. The Co *NO, adsorption complex is less stable than the Cu*NO,,.

Approximately 60% of the Co*NO, adsorbates are desorbed after thermal treatment at
150°C for 14 hrs. The reactivity of the remaining NO, groups with C;Hg at 150°C is
shown in Fig.1B’. The normalized intensities of the adsorption band at 1526 cm™ are

plotted in Fig .1B’ for propane and methane. Unlike Cu*NO,, Co*NO, reacts with CH,.

3.2. MS spectroscopy
Fig.2 shows the evolution of N, when Cw/ZMS-5 or Co/ZSM-5 samples, pre-saturated
with NO,, are exposed to C3Hg or CH, at reaction temperatures of 225°C for Cu/ZSM-5
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and of 150°C for Co/ZSM-5. When C;Hj is used as the reductant, N, evolution from
Cw/ZSM-5 is rapid but terminates after 30 min exposure to hydrocarbon. N, evolution
from Co/ZSM-5 proceeds at a slower rate; an increase in N is still detected after 90 min
exposure to hydrocarbon. When CH, is used as the reductant no reaction occurs over

Cw/ZSM-5, but over Co/ZSM-5 N, evolution is detected. Co *NO, reaction with CH, is
slower than Co #NO, reaction with C;Hj.

4. Discussion

NO, complexes are formed on Cu/ZSM-5 and Co/ZSM-5 after saturation with NO,. The
IR spectroscopic signature, thermal stability and chemical reactivity of Cu- and Co-
bonded NO, are found to be different. Cu/ZSM-5 contains not only Cu** ions, but also
[Cu-O-Cu]2 oxocations and CuO oxides. Upon interaction with NO, Cu®* ions form
nitro complexes while oxocations and oxide react to nitrate complexes. On the other
hand, Co/ZSM-5, which contains only Co® ions, can only form NO, complexes. Unlike

cu® *NO,, these are most likely Co*" «ONO nitrito complexes.

Although deNO, catalysis over both Co/ZSM-5 and Cu/ZSM-5 may be initiated in the
same manner, H-abstraction, the two display a different hydrocarbon specificity;
Cu/ZSM-5 requires C,, olefins or C;, paraffins, whereas Co/ZSM-5 is active with CH,
and higher hydrocarbons. The type of the NO, groups differs which may explain the
differences in hydrocarbon specificity .

Assuming that the activation of hydrocarbon occurs via an H-abstraction as stated by
others>*, this reaction is affected by NO, groups. While exposure to C;Hg leads to N,
formation from both samples, only Co/ZSM-5 formed N, upon CH, exposure. It appears
that H-abstraction from CH, is difficult with CueNO, but facile with Co*NO,. The
influence of the metal ion on the selectivity in NO reduction may be indirect by
furnishing different types of NO,,

The fate of the hydrocarbon radical is not yet clear. It has been proposed that a reactive
intermediate containing at least one carbon, nitrogen and oxygen atom is formed on the
catalyst surface which reacts further with NO to from N,. The role of NO,, and the
nature of the reactive intermediate are currently under investigation.
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INTRODUCTION

Recent reports suggest the use of Pt-ZSM-5 with hydrocarbons to reduce NO selectively under
oxidizing conditions (1,2) and our laboratories, among others (3,4) are investigating the use of Pt-
zeolites to reduce NOx in the emission of Diesel or gasoline lean-burn vehicles. Here we consider
the activity of Pt-ZSM-5, both as a fresh catalyst and after deactivation, and characterize a troubling
aspect of catalyst deactivation. In severely deactivated materials, TEM reveals a film to have formed
over Pt metal; we suggest this film is siliceous material derived from the zeolite and that an important
mode of catalyst deactivation is due to geometric site blockage by this film.

EXPERIMENTAL

Pt-ZSM-S catalysts, containing 0.50 wt%, 1.31 wt%, 2.52 wt%, 4.4 wt%, and 4.67 wt% Pt, were
prepared using H-ZSM-5 supplied by PQ Corporation containing a Si/Al ratio of 30.5, tested using
two test gases, and aged in the model gas mixture for one to fifty hours at 700 °C or 800 °C. One
gas mixture included 700 ppmv NO, 3300 ppmv propene, 1000 ppmv CO, 330 ppmv H,, 7.5% O,
20 ppmv SO,, 10% H,;0, 10% CO,. The other gas mixture was similar, consisting of 700 ppmv
NOQ, 700 ppmv propene, 300 ppmv CO, no H,, 20 ppmv SO;, 7.5% O,, 10% CO,, and 10% H;0.
The automated gas delivery and data acquisition system used chemiluminescent NOx, NDIR CO
and N0, FID hydrocarbon, and paramagnetic O, detectors to monitor catalyst activity. Catalyst
performance is conventionally reported by % converted except for NoO formation by NO reduction,
which is more informative to express as % NO reduced to N;O. One gram of 20-40 mesh granules
were typically tested with GHSV of 110,000 hr', Inclusion or omission of 20 ppm SO, did not
affect performance. ~ EXAFS and XANES were obtained using an in sifu reactor described
elsewhere (5) at Beamline X-18B of the National Synchrotron Light Source at Brookhaven National
Laboratory. X-ray diffraction intensity data was obtained by standard procedures. TEM images
were obtained using a JEOL 4000EX microscope with 1.8 A resolution.

RESULTS AND DISCUSSION

Pt-ZSM-5 deactivates rapidly. We examined the catalyst with highest initial performance most
extensively. Catalysts were subjected to catalysis at 700 °C and 800 °C using either synthetic gas
blend for up to 50 hr with temperature ramps interspered to allow the monitoring of deactivation.
Figure 1 shows NO reduction performance under three conditions. Curves labeled 700°C and 800°C
show performance after aging the catalyst at those temperatures in the gas blend that included 3300
ppmv propene while the curve labeled 700 ppmv involved aging the catalyst at 700°C using 700
ppmv propene. When fresh or mildly aged, the catalyst reduces NO over a greater temperature
range when 700 ppmv propene are present compared with 3300 ppmv.  When 3300 ppmv propene
is present, an exotherm of over 200°C occurs after propene lightoff. The magnitude of this exotherm
is sufficient to close the temperature window when hydrocarbon levels are high (6). Figures 1 and 2
show deactivation is more rapid at 800°C than at 700 °C. Deactivation proceeds more quickly when
3300 ppmv is used in the synthetic gas compared with 700 ppmv propene. For aging times greater
than 20 hr, essentially no NO was reduced when 3300 ppmv propene was used.

Figure 2 shows deactivation for propcne oxidation for experiments utilizing 3300 ppmv propene.
Progressive deactivation occurs for both aging temperatures. The higher temperature aging is
clearly much more severe. For example, thirty hr aging at 800 °C is more severe than 50 hr aging at
700 °C. Deactivation is most rapid initially. Judging on the basis of Tso increases, Figure 2
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shows performance losses during the first hour to be comparable to the next nine. The rate of HC
deactivation slows to a nearly constant amount during the 700 °C aging. During 700 °C aging, the
first 20 hr and the next 30 hr of aging resulted in Tso increases of about 100 °C for propene
oxidation. At first glance, rates of HC deactivation do not appear to decline during the more severe
800 °C aging. However, an anomalously large incremental deactivation may have occurred between
30 and 40 hr during the high temperature aging. Comparable incremental deactivations occur
between 10 and 20 hr, 20 and 30 hr, and 40 and 50 hr. These incremental deactivations at 800 °C
are considerably larger than those observed at 700 °C, consistent with more severe, progressive
deactivation at the higher temperature.

We now proceed to physical characterization to gain insight into deactivation prior to retuming to
the catalytic results.

TEM examination of fresh 4.7 wi% Pt-ZSM-S5 reveals "stringy" regions, sometimes over 100 Ain
length, of Pt. EXAFS and XANES analysis shows the Pt in fresh 4.7 wi% Pt-ZSM-5 to be
oxidized. Metallic Pt is not detected by X-ray diffraction in the fresh material but is detected by
XRD, EXAFS, and XANES after aging.

TEM analysis of catalysts aged at 800 °C for 1 hr or 50 br also reveals Pt metal. After 1 hr, 800°C
catalysis, faceted Pt particles occur, although many smaller Pt particles have poorly defined surfaces.
Some particles are as large as 500 A in diameter while particles about 100 A appear most common.
For example, one sector of a typical TEM micrograph contained 23 particles with a median diameter
of 120 A; mean diameter of 180 A; with a range of diameters of 70 - 535 A.  Catalysts aged for 50
hr do not appear to be substantially more highly sintered. For example, one sector of a typical TEM
micrograph of a sample aged for 50 hr contained 55 particles with a mean diameter of 100 A, a
median diameter of 70 A; with a range of sizes from 40 - 400 A. While Pt sintering may be the
cause of the initial, rapid deactivation, the data do not support the hypothesis that the progressive
deactivation we observe is due to continued sintering of Pt. While observable particles do not
appear to be increasing in size, the TEM results do not exclude the possibility that the observable
particles are increasing in mass. Small, unobservable, catalytically relevant Pt particles could persist
as the aging proceeds, and their gradual loss may not cause noticeable increases in observable Pt
particle sizes. Nevertheless, their gradual loss may be a cause of progressive deactivation if these
postulated, unobservable entities are indeed catalytically relevant. CO dispersion measurements fail
to provide evidence for the existance of the postulated small particles; CO isotherms of the aged
materials are consistent with large particles whose surfaces, to a substantial degree, are inaccessible
to the probe molecule.

Faceted Pt particles observed after 50 hr, 800°C catalysis frequently exhibit features consistent with a
superficial film on their surfaces while these features are absent in the 1 hr samples. We suggest this
film s due to silica or silica-alumina derived from the zeolite itself. This suggestion will be buttressed
by a catalytic experiment discussed below. A surrendipitous TEM experiment performed on a Pt
particle on the edge of a zeolite particle in a fresh sample provide corroborating evidence. This
initially featureless Pt particle was is situated over a hole in the holey carbon TEM grid and, once
noticed, was subjected to close-up examination using a more focused beam. Figure 3a and b show
this particle as initially observed (but the image is enlarged photographically) and during high
magnification TEM imaging (without photographic enlargement). Fringes consistent with (111) Pt
domains are observed in Figure 3b while fringes due to crystalline zeolite (not observable in the small
regions shown) vanish during focused beam exposure. A film of zeolite can be observed in the
"northern" region of Pt in Figure 3b. The focused electron beam probably caused local heating that
drove that region of the sample toward equilibrium: thermal reduction of oxidized Pt to Pt metal
proceeded together with local amorphization of the zeolite. The zeolitic material spreading onto the
Pt surface suggests that, as the catalyst approaches equilibrium at high temperature, siliceous films
derived from the zeolite may cover otherwise active Pt metal. Films in severely deactivated materials
manifest themselves as a white line, followed by a dark line, then followed by another white line at
the edge of a Pt particle. Each solid-vacuum interface, under conditions of stight underfocus, should
result in one white line. Pairs of parallel white lines are strong evidence of film formation. Such
pairs of white lines are common at the Pt/vacuum surfaces in samples aged 50 hr at 800°C (for
example, Fig. 3d) but only a single white lines are observed after 1 hr, 800°C aging (for example, Fig.
3c). Powell and Whittington used SEM to demonstrate Pt encapsulation by silica at temperatures of
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Fig 3. (a) and (b) Pt particle and nearby zeolite in the fresh catalyst prior to (a) and after (b) beam
damage. (c) Pt metal crystallite observed in sample aged 1 hr. (d) Pt metal crystallite, covered by
superficial film, observed in sample aged 50 hr.

702°C-1102°C (7,8). Their model describing driving forces toward encapsulation appears to
account for some of the phenomena we observe. Their model predicts encapsulated Pt particles will
not tend to increase in size, as is observed here. Progressive catalytic deactivation should
accompany progressive encapsulation. Figure 2 shows an increasing AT between the onset of
propene conversion and the attainment of 25% conversion as deactivation proceeds. This steady
increase in AT appears consistent with continually decreasing numbers of sites, just as an
encapsulation model would predict. Successful development of durable Pt-molecular sieve catalysts
requires additional understanding of this mode of deactivation that leads to effective
countermeasures.

An alternate explanation of the films observed in the TEM invokes carbonaceous deposits formed by
gradual coking of the catalyst. Oxidizing treatment might be expected to remove any such material.

We aged the catalyst 50 hr in the gas blend containing only 700 ppmv propene. The rate of
deactivation did decline, but since less propene is oxidized, temperatures at and near Pt might be
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considerably lower than in experiments utilizing 3300 ppmv propene. After the aging, the catalyst
was treated in 15.0% 0,/85.0% N, for one hour at 550°C. Ifthe films were due to coking of Pt, this
treatment should result in at least partial combustion of this film, and a concomittant increase in
available Pt. A subsequent temperature ramp in the synthetic exhaust gas (700 ppmv propene) did
not result in an increase in NO reduction. This is consistent with films arising from the parent
zeolitic material, and not from the catalytic process. Efforts at further characterization of these
films, such as TEM halography, are ongoing.

CONCLUSIONS
Fresh Pt-ZSM-5 shows reproducibly high degrees of NOx reduction in a narrow temperature
" window at very low temperatures. lnitial performance is a function of Pt content: the more the
better. NO selectivity toward N2O is about 10%. Initially, Pt in the zeolite is oxidized but,
apparently, not crystalline. A fraction of the Pt may occur as cations at exchange sites but relatively
large (100 A) Pt-containing particles occur. After one hour of lean-burn catalysis, the Pt is
unambiguously metallic. The TEM-observable fraction of Pt may increase after reduction. Pt-ZSM-
5 is not durable. After about 30 hr catalysis at AFR 22 and 800°C, no NOx reduction performance
remains. NOXx reduction is barely detectable (ca. 2% max.) after 40 hr catalytic aging at AFR 22
and 700 °C. Pt sinters; faceted 40-700 A particles can be observed by TEM after 50 hr at 800 °C.
While initial deactivation may be associated with moderate sintering of Pt, the unusual progressive
deactivation is accompanied by formation of films on the Pt crystallites. We suggest these films are
siliceous material derived from the zeolite itself and that the progressive deactivation is due to simple
geometric site blockage.
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Introduction

The 1990 Clean Air Act Amendment has set a schedule for compliance of new, more
stringent standards for automobiles over the next ten years. In the mean time, the strong push to
increase fuel economy of vehicles has led to the exploration of the use of lean-burn, gasoline
engines. Unlike conventional engines, these engines operate with a large excess of air. The
major obstacle in the development of such engines is the lack of a practical exhaust catalyst for
the reduction of NO, emission, since the current three-way catalysts are ineffective for NO,
removal in the oxidizing atmosphere (i.e. under lean conditions) of the exhaust of such engines.

The discovery of Iwamoto (1) and Held (2) et al., showing that Cu-ZSM-5 ‘catalyzes the
selective reduction of NO by hydrocarbons in an oxidizing atmosphere, promoted extensive
research in this area. Although this catalyst is active and selective, it has hydrothermal stability
problems, due to the degradation of the zeolite framework (3). Since zeolites are metastable
structures, the problem of hydrothermal stability may be circumvented by the use of metal or
metal oxide supported on thermally stable, large surface area oxides, such as y-Al,O5. The use
of hase metals such as copper are not suitable because they form compounds with alumina at high
temperatures. Extensive work on the supported Pt group metal catalysts (4,5) suggests that,
although these catalysts may be potential practical catalysts for diesel engines, their optimum range
of operation temperatures(200-300 °C) is too low for the lean-burn engines.

A brief report by Haruta et al. (6), showing that a 1 wi. % Au/y-Al,Oy catalyst, prepared
by the precipitation-deposition method, has an NO conversion of 40% in the presence of 1.8%
H,0 and 5 % O, at 300°C, suggests that Au could be a potential component of a practical lean
NO, catalyst. Furthermore, it has been demonstrated by Haruta et al. (7) and Parravano et al. (8)
that the Au particle size is strongly dependent on the preparation method, and that the particle size
of the Au catalyst has significant influence on hoth the catalytic and chemical properties of Au.
Thus, an investigation of Au/y-Al,Oy (the dependence of its catalytic properties on the preparative
methods and its hydrothermal stability) as potential lean NO, catalysts may be fruittul.

Experimental Procedures »

y-Al,Oy support was prepared by hydrolyzing aluminum isopropoxide (99.99+ % Aldrich)
dissolved in 2-methylpentane-2,4-diol (99+ % Aldrich) using the method of Masuda et al.(9) .
It was dried in air at 100°C and calcined in flowing dry air to 460°C, and then in 2.4% H,O to
700°C at a ramping speed of 1°C/min. Then the y-Al,O4 was sintered in 7% H,O for an
additional 2 hrs at 700° C. The average surface area of such preparations ranged from 215-240
m?/g.

Co-precipitated Au/y-AL Oy was prepared from a solution of HAuCl, (99.999% Aldrich)
and AI(NO,); (99.997% Aldrich) using | M Na,CO, as the precipitating agent (10). The catalyst
was suction filtered, washed and calcined at 350°C for 4 hrs.

Deposition-precipitation of Au/y-Al,Oy was conducted in a manner similar to that of
Haruta et al. (10). This involved the reaction of Au with the support in the presence of Mg
citrate. 50 mL of 5.32 mM solution of HAuCl, was mixed with 2.5 g of y-Al,04 powder. The
initial pH on mixing y-Al,0y and HAuCl, was 4.01 and the pH 4.4 sample was prepared without
adjusting the pH (the value 4.4 being that recorded just before the addition of Mg citrate). For
the rest of the samples, the solution was adjusted to the desired pH with Na,CO, or HNO,. After
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the desired pH was achieved, the solution was stirred for half an hour before the addition of Mg
citrate. The molar ratio of Mg/Au was 2.5. The reaction was allowed to proceed in the dark with
continuous stirring for 2 h afier the addition of y-Al,O; to the Au solution. Then the suspension
was suction filtered, redispersed in room temperature doubly distilled H,0, stirred briefly and
suction filtered. This washing procedure was repeated two more times with cold H, O and once
with hot H,O (about 80°C). The filtered paste was placed in a 100°C drying oven for ahout 2 h,
gently crushed and placed in a 350°C oven for 4 hrs., and finally activated in a reaction mixture
of NO, C;H, and O, at 450°C. The last procedure was used because sometimes activity
increases were ohserved with time on stream at high temperatures.

The lean NO, reaction was conducted in a feed of 1000 ppm NO, 1000 ppm C;H,, 4.8%
O, and 1.6% H,O with the balance He. The weight of the catalyst was 0.5 g and the total tlow
rate was 104 cc/min. The catalysts were evaluated with respect to three parameters:the maximum
NO conversion, the temperature of maximum NO conversion and the NO competitiveness factor
at the maximum NO conversion. The NO competitiveness factor is a measure of the efficiency
of the catalyst to use NO instead of oxygen in the oxidation of propene and is defined as
NO,eactea™ 100/(9*CyHy enciea)> Where 9 is the numher of oxygen atoms needed to convert C3H,
completely to CO, and H,0.

The Au and Al contents were determined by ICP. It has been reported (11) that the
dissolution of Au required a solution containing a good ligand for Au as well as an oxidizing
agent. Thus HCl was added to provide the chloride ligand, and HNO; was added as the oxidizing
agent. However, Y-Al,O, would only dissolve with the further addition of concentrated HF.
Thus all three acids were needed.

The CI* concentration was determined using Quantab titrators (Fisher Scientific). The
accuracy of the titrators were verified using different concentrations of NaCl solutions.

Results and Discussion

The depuosition-precipitation method is a multistep process, it involves (a) hydrolysis of
AuCl, anion to a mixture of |AuCl,OHYT, |AuCl,(OH)," and |AuCl{OH), ], (b) adsorption of the
negatively charged [Au Cl ,OH, | species onto the positively charged sites on the oxide surface,
and subsequent formation of Al-O-Au bond by the condensation of the OH groups on the y-ALO,
and OH ligand of the Au complex, (¢) polymerization of the surface Au complex through further
reaction of the OH groups of the adsorbed Au complex with other Au species in solution, and (d)
addition of Mg citrate to physically block the adsorbed Au polymeric clusters from coagulating.
Each of these steps could affect the tinal Au particle size through their influence on the relative
rates of condensation and polymerization. Of all the preparation variahles, the pH of the solution
appears to be of primary importance as it controls both the number of adsorption sites on the y-
Al,0Oy4, and the distribution of the various Au complexes in solution.

The isoelectric point (IEPS) of y-Al,Oy ranged from 6.5 to 9.4 (12). As the pH of the
solution deviates from the IEPS towards the more acidic regime, the positive charge density on
the alumina surface increases. This translates to more condensation sites for the anionic Au
complexes, and thus higher uptake of Au.

The nature of |AuCl, ,OHY in solution as a function of pH was determined by measuring
the CI' concentration in solution. Surprisingly, the hydrolysis of the AuCl, complex was very
rapid in the range of pH 4-8, resulting in an average replacement of 2.6 CI' ligands by OH"
ligands per Au complex within half an hour of reaction. Longer reaction time did not increase
the CI' concentration in solution. Thus it appears that the effect of pH is primarily in the
determination of the number of condensation sites for Au on y-Al,Oy. Since the lower pH
preparations have more nucleation sites, it is possible that the average Au particle sizes are smaller
on such preparations.
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Table 1 shows the % Au deposited on y-Al,O, as a function of the pH of preparation
solution (if all of the Au in solution was deposited onto the y-Al,04, a Au loading of 2.5% was
expected). The pH 4.4 sample (one with no adjustment of pH) had the highest Au loading and
the Au loading decreased with increasing pH. This is in accordance with the fact that the density
of positively charged sites on the support surface decreases with increasing pH. The pH 4.0
sample, for which the pH was maintained by continuous addition of HNO,, had a lower Au
loading, possibly because of the competitive adsorption of the anionic NOy ions and the
dissolution of alumina.

Table 1: Effect of pH during Au Precipitation on NO Reduction Activity

pH 4.0 . 4.4 5.5 7.0 8.2
Au loading, wt. % 1.3 1.8 1.7 14 1.0
Temp. °C 385 385 365 365 365

at max NO conv. ’
Max. NO conv. % 333 42.4 45.1 335 28
NO competitiveness 3.8 5.1 4.4 3.6 2.8

factor, %

The temperature of maximum NO conversion is usually a reflection of how active a lean
NO, catalyst is. At this temperature, the hydr(;carhon conversion is close to or at 100%. The Au
samples with the highest Au loading (pH 4.4) had the highest temperature of maximum NO
conversion. Assuming that this sample also had the smallest particle size, then the activity of the
catalyst is probably dependent on the particle size of Au. Interestingly, the NO competitiveness
factor of the various samples also decreased with increasing pH of the preparation solution. This
suggested that the effectiveness of the catalyst in the reduction of NO, might be related to the
particle size of Au also.

These samples, prepared by deposition-preparation method, were compared with a sample
prepared by co-precipitation. The Au content of the co-precipitated sample was 0.33 %, although
it was prepared with a solution which would result in a 2% Au loading if complete precipitation
of Au was achieved. This sample reduced NO exclusively to N,O; showing a 24% conversion
of NO to N,O and 70% conversion of C;H,, at 375°C.  Although the Au loading of this catalyst
is low, a 0.21% Au sample prepared by the deposition-precipitation method converted NO
exclusively to N,. Thus, different preparation method resulted in catalysts with different lean
NO, behavior. Besides the possible structural difference that may contribute to this difference in
catalytic behavior, the presence of Na* may also be a factor. The co-precipitated catalysts has
substantially more Na* left over left in the sample after wasbing.

An essential property of a practical lean NO, catalyst is high hydrothermal stability. The
stability of a | g sample of a 1.0% Au/y-Al,O, prepared by the deposition-precipitation method
was tested in a lean NO, reaction mixture with 1.5% H,0 for 22 h between 400 and 500°C, and
then at 500°C for 7 more hours with the water in the feed increased to 6%. No deactivation was
observed. However, in a more stringent test using only 0.5 g of the 1% Au sample and 9% water
in the feed, a 19% decrease in activity was observed after 8 h of reaction at 500°C, and another
20% decrease after another 8 h.

Conclusions

The activity and selectivity of supported Au catalysts varies with the pH of the solution during
preparation in the deposition-precipitation method. These catalysts are superior to that prepared
by the co-precipitation method. The Au/y-Al,Oy catalysts showed unexpectedly high stability
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under reaction conditions at high temperatures and high water concentrations. Thus, Au supported
on Y-Al,O4 has the potential of being an important component of a practical lean NOy catalyst.
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INTRODUCTION: Due to additional requirements imposed by the 1990 amendtmnents (o the
Clean Air Act, automotive emissions systems must perform at high efficiencies for 100,000 miles™.
However, fuels containing sulfur, can reduce the efficiency of many modern catalyst formulations®?.
Additionally, the Northeast Ozone Transport Commission (OTC) has petitioned the U.S. Environmen-
tal Protection Agency (EPA) to require region-wide adaptation of the California Low-Emission
Vehicle standards without the application of California’s reformulated gasoline program which is
neeessary o kecp the level of fuel sulfur low. As will be scen, this will result in reduced catalyst
activity in the OTC, sincc typical gasolines contain sulfur levels which vary considerably. Gasolines
containing 5()PpmS and 500ppmS only represent the 10® and 75" percentile of U.S. commercial
summer fuels®’. As will be shown, these high levels of fuct sulfur will lower the performance of high
activity catalyst formulations and may make compliance with LEV/ULEV emissions levcls extremely
difficult if not impossible without the adaptation of low-sulfur fuels.

EXPERIMENTAL: Dynamometcr-based catalyst durability testing and evaluations were used
to determine the effeets of fuel sulfur levels on HC, CO and NOx conversion efficiencies of fully

- formulated Pd-only, Tri-Melal (PUPd/Rh), PURN and Pd/Rh eatalysts. These four catalyst technologies

were evaluated at two degrees of eatalyst aging (4K and 100K miles) using three fuel sulfur levels
(34, 266 and 587 ppmS). For all testing, ditertiarybutlydisulfide was used as the fuel-sulfur dopant.
Test procedures included a series of equilibrium lightoff, transient lightoff and dynamic Air/Fuel ratio
sweep experiments. ' These experiments were designed to reflect the most common operating
conditions of a vchicle’s emission systewn during typical driving. The lightoff experiments were
designed 1o mimic the cold start process of the vehicle as the catalyst warms up. The dynamic A/F
ratio experiment was designed to mirror the conditions which occur during feedback control of the
engine at cruise. The slightly rich pcrformance of the emissions system which occurs during mild
transients can be asscssed from the A/F ratio sweeps presented. The effects of fuel sulfur on all
conditions arc presented. To expose the catalysts (o surfur. 30min. of engine operation using a fuel
with a prescribed sulfur levef at an A/F ratio of 5.3 and a catalyst inlet gas temperature of 400°C

was used.
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Figure 1: Schematic of engine test facility.

Experimental Hardware Exhaust gases from a 1993 Ford 4.6L. 2V engine were routed through
a heat exchanger inlo a test catalyst brick (see figure 1) for evaluation. The brick was located 2m
downstream of the exhaust manilold flange. The inlet gas temperature to the catalyst was regulated
by adjusting the load on the engine or by adjusting the amount of water flow through the heat
exchanger. Correspondingly, the flow rate to the lest catalyst was controlled by adjusting either the
engine load or by diverting a fraction of the exhaust flow through a second flow path in parallet with
the catalyst sample. The amount of diverted exhaust was measured by a laminar flow elcment (see
Figure 15 LEE) in the secondary stream. To allow (or transient lightoff experiments on cach catalyst,
a rapid swilching valve was placed in the exhaust stream to initially divert the exhaust flow around
the test catalyst so the initial state of the catalyst could be st to ambient conditions. Continuous gas
samples (one pre- and onc post-catalyst) were withdrawn into two Horiba emissions benches and
analyzed cach second for CS, total HCs and NOx. A UEGO sensor and Air/Fuel Ratio Controller
provided the necessary hardware to con!rol the engine A/F ratio in a prescribed way.,

Catalyst formulations, description and aging Eight catalyst bricks of four different

formulations werc evaluated. One Tormulation was PUP&/Rh (1/14/1); one was Pd-only (0/1/0); one
was PURh (5/0/1); and the other was Pd/Rh (0/9/1). Their respective preeious metal loadings were
105, 110, 60 and 40g/F*. They were all fully formulated containing stabilizers, scavengers and basc
metal oxides. The Tri-metal and the Pd-only ‘catalysts were of a two-layer washcoat design. In each
layer, the particle sizcs were optimized to promote higher catalyst effictency when sulfur is added to
{he feedgas. They all contained 400 cell/in® and a cell wall thickness of 0.068in. They were all of
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the same dimension (3.15"x4.75"x6.00") and
total volume (76in*). Preceding experimenta-
100 : : : tion, four catalysts were dynamometer aged 1o
. the equivalent of 4K miles and four to 100K

et > miles of vehicle use. During this procedure, a
co-rOx | commercial unleaded gasoline which contained

Croescver

160ppmS was used.

)
B
1

A/T Sweep Test Description The A/F
sweep ltest was conducted by operating the
: : engine at a sleady state air-flow of 30.3g/s
e : - X while ramping the fucl flow rate from a lean to
: rich A/F ratio. This ramp consisted of the
superposition of linear and sinusoidal compo-
nents. The linear component ranged from +1.0
to -1.0A/F ratios about stoichiomctry and oc-
curred over 360s. The sinusoidal component had
an amplitude of 0.5 AJF; its frcquency was |
Hz. It was used to evoke all active kinetics
over the catalyst including the O, storage mech-
anism.  For all experiments, the A/F ratio
sweep started at an A/F ratio of 15.2 (A/F ;.=
14.2 for California Reformulated Fuel) and
proceeded to an A/F ratio of 13.2. The inlet gas
temperature at the catalyst was 450+5°C and the
space velocity (at STP) into the 76in" catalytic
monolith was 85,000 Hr'. Figure 2a shows a
typical rcsult of a sweep test. The abscissa
represents AA/F ratio (i.e., A/F, . -A/Fq )
The ordinale shows the CO, HC and NOx
conversion efficicncics, the CO-NOx crossover
efficicncy, and the A/F ratio operational win-
dow. Values are also marked at a slightly rich
AJF ratio, since these values are used later to
show the effects of sulfur level on fuel-rich
catalyst performance. Thesc results are critical
in determining the "best" catalyst performance
for a vehicle operating under warmed up condi-
tions and mild accelerations.

sao sso soo aso 70 Equilibrium Light-Off Test Description The

Temperature ('F) equilibrium light-off test was performed to

§
o
L

{%) Canversion

(%} Conversion

{%) Conversion

~ assess how the low-temperature chemistry over

He CO-rereee Ox=--- the catalyst evolves without the complications
associated wilh transient substrate warmup. It

Figure 2: a) Sweep fest; b) traunsient lightoff was ,CO"dL’C(?dI by “slowly’ (12-3"C/|EI") In=
.y . . <N a <4 -

test; c) equilibrium lightoff test. Pd-only 4K. creasing the mlet gas emperature 1o the cata

lyst, thus allowing the catalyst substrate to
thermally equilibrate during experimentation. This was ﬂccomﬁlished by passing the engine exhaust
through a water controlled heat exchanger, which regulated the temperature of gases entering the
catalyst. As above, the engine was opcrated at steady state; its air flow rate was 30.3g/s; and its mean
AJF ralio was 14.2. About this mean A/F ratio, the 1Hz, 0.5 A/F ratio modulation was applied.
During the experiment, two gas samples were withdrawn continuously and amalyzed every second for
CO, 1otal HCs aud NOx. Corresponding catalyst conversion efficiencies ({[Jiua-LlguecH/ Uined X 100%)
were delermined as a function of inlct gas temperature into the catalyst, Figure 3b shows a typical
catalyst equilibrium light-off trace for the 4K Pd-only catalyst. Clearly marked are the temperatures
carresponding to 50% conversion of CO, HC and NOx. These values are used later to assess the
carly lightoff potential of catalyst formulations and the effects of sulfur poisoning on catalyst lightoff.

Transient Light-Off Test Description To asscss how a combination of substrate thermal
inertia and the low-temperature catalyst chemnistry affects the lightoff performance of the catalyst, the
Transient Light-Off Test was conducted after cooling the catalyst brick to 38+2"C to definc the initial
state of the catalyst. These conditions are typical of those which occur during the cold start of a
vehicle. Here, the engine was operated at the same conditions used for the equilibrium lightoff
experiments. Initially, gases from the engine by-passed the catalyst through a diverter valve while Lhe
engine was stabilized for the experiment. At the start of the transient lightoff experiment, the enginc
cxhaust gas flow was suddenly switched into the flow path which contained the cold catalyst brick.
Two gas samples were withdrawn continuously and analyzed every second for CO, total HCs and
NOx, and the corresponding conversion efficiencies were determinéd as a function of time from the
beginning of the warmup period of the catalyst. Figure 2c shows a lypical transient light-off trace
as conversion efficiency versus time, and marks the time necessary to attain 50% conversion of the
inlet CO, HC and NOx. Prior (o this time, mostly raw emissions pass the catalyst into the atmosphere
and this "lightoff” time must be minimized/eliminated to attain LEY or ULEV emissions levels.

RESULTS and DISCUSSION: Typical vehicle operation includes cold start activation, warmed-up
stoichiometric cruise, and sli%htly-rich accelerations with all modes present in the FTP-75® driving
schedulc used o assess vehicle emissions performance. Over this cycle, a vehicle typically produces
an cngine-out emissions level of 1-3g/mi THC, 10-12g/mi CO, and 1.5-3.0g/mi NOx. These
emissions are then converted at high cfficiency over the catalyst system to more environmentall

acceplable chemical specics. o attain 100K ULEV emissions levels (0.055/2.1/0.3g/mi;
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Figure 3: a) CO and NOx conversion efficiency at the A/F ratio corresponding to CO/NOx
crassover during sweep testing; b) HC conversion efficiency at CO/NOx crossover. Solid
curves represent 4K aged catalysts; dashed curves 100K catalysts.

HC/CO/NOX), average emission system efficiencies of greater than 97%, 81% and 86% are necessary.
However, these averages assume that the emissions system is operational and functioning at high
efficiency from key-on of the vehicle. Generally, the vehicle and emissions system start cold and the
calalyst requires time fo warm lo its lightoff temperature, hence passing unconverted emissions to the
atmosphere.  Since CO and HC emissions are abundant during cold start, the average CO and HC
cfficiencics over the remainder of (he drive cycle must be significantly higher than the averages
specified above. As seen in figure 3, when sulfur level is low, these high efficiencics are obtained
for Pd-only and Tri-metal catalysts and would also be obtained for PURh and Pd/Rh with more
catalyst volume in the emissions system. However, at higher levels of fuel sulfur and at 100K aging,
all cfficiencies drop well below the levels nceded to attain LEV and ULEV. As seen later, catalyst
lightofT is also negatively impacted by fucl sulfur, thus further exaeerbating the problem.

Warmed Up Catalyst Operation. Figure 3 presents the catalyst efficiencies at the A/F ratio
corresponding 1o the CO/NOx crossover point (see Fig 2) and figure 4 shows them at an A/F ratio
of 14.0. These AJF ratios are chosen since they reflect many of the typical operating points of a
warmed up vehicle (hat occur during cruise and mild accelerations. Since three way catalysts must
simultaneously convert HC, CO and NOx at high efficiency, the CO/NOx eross over point is normally
near the A/F ratio corresponding to optimum catalyst operation.  As seen in figure 3a, the CO/NOx
efficiencies of all catalyst formulations are greater than 96% cffieient at low sulfur levels and at low
mileage. Morcover, when aged to the equivalent of [00K miles, these formulations have conversion
cfficicncies in excess of 92% when low sulfur levels are present in the fuel. Here, the efficiencies
of the Tri-metal and the Pd-only are in excess of 96.5% after 100K aging, and the efficiencies of the
PURh and the Pd/Rh formulations arc 91% and 92%, respectively. However, for 100K aged catalysts,
when sulfur is added to the fuel during evaluation, the CO/NOXx efficiencies of these catalysts drop.
For the Tri-metal (the most resistant to sulfur poisoning due to its mulli-layer structure and advanced
stabilizers), the efficiency falls from 98% to 86% when the fuel sulfur level goes from 34 to 587
ppmS; Pd-only from 96% to 69%; PURh from 92% to 65%; and the Pd/Rh from 92% to 65%. At
4K, the ordering of sensitivity to sulfur poisoning is similar to the above at 100K aging with the
amount of lost performance being less. In terms of the change in cmissions throughput ({1.0-
GBEMN00}, s/ 1.0-%Eff/100},,15), the effect of changing fuel sulfur level from 34 to 587ppmS
would increase the amount of CO and NOx delivered to the atmosphere by approximately 4-9 times
the amount delivered when the fuel sulfur level is low. As seen for the 100K catalysts, much of this
lost performance occurs when the fuel sulfur level increased from 34 to 267ppmS with the catalysts
becoming less scnsitive to the addition of sulfur above these levels.

The cffect of sulfur on HC conversion efficiencies is shown in figure 3b. Trends are similar to those
discussed above. However, since HC conversion efficiency must be extremely high o meet LEV or
ULEV emissions regulations, the level of efficicney loss due to the addition of sulfur to the fuel will
make it extremely difficult or potentially impossible to reach these low emissions levels with the most
advanced catalyst formulation developed to date. As seen in figure 3, near stoichiometry the Pd-only
catalyst ranks first behid the Tri-metal in efficiency throughout the range of sulfur application. Even
though it is susceptible to sulfur'®, its higher initial activity at low sulfur is retained throughout the
range of typical sulfur application when operated near stoichiometry. Its performance is higher than
that of the PURh or Pd/Rh catalysts studicd. As mentioned, this is in part due to its higher initial
activity and in part due to the combination of materials which comprise its washcoat to reduce its
sensitivity to sulfur, Here, the catalyst is of a multi-layer design containing an abundance of ceria
and lanthana plus seavengers to inhibit the detrimental effects of sulfur. Furthermore, the particle
sizing in cach layer has been optimized to erhance reaction at high sulfur level.

Results of catalyst performance at an average fuel-rich A/F ratio of 14.0 (0.2 rich of stoichiometry
and oscillating at 1Hz) are shown in figure 4. Here, HC, CO and NOx efficiencies are presented for
4K and 100K aged catalysts as fucl sulfur level is increased from 34 1o 567 ppmS. As seen, the
performance of all calalysts is substantially reduced when sulfur is added to the fuel. As an example,
when the sulfur level is low, the NOx conversion cfficiency for all catalyst formulations is greater
than 95% for both 4K and 100K aged catalysts. Here, the Tri-metal formutation shows the least
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sensitivity to sulfur having its NOx efficiency
100 T T ¥ T T drop from 98% to 95% for both 4K and 100K

. . . . . of aging. The order of NOx efficiency loss
under rich operating conditions among all
catalyst formulations goes from Tri-metal to
PURR, to Pd/Rh and to Pd-only. The Tri-inetal
being the least sensitive and the Pd-only being
the most sensitive as sulfur is added to the fuel.
Gencrally, to meet LEV and ULEV emissions
levels, NOx conversion efficicncies around 90%
are necessary at 100K miles. As seen in figure
4, when sulfur level is tow, all advanced cata-
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TE e ; lyst formulations have an efficiency well above
HC: this value. However, when sulfur is added, the

70 ; ; ; T H NOx conversion efficiency of both the Pd/Rh
0 100 200 300 400 500 600l and the Pd-only drop bclow the levels needed to
Fuel Sullur Level (ppm$) attain LEV or ULEV emissions Icvels. More-

80 : over, with the possible addition of a high-speed,

high-acceleration driving cycle to the test proce-
dures, meeting the NOx standard with a high
sulfur level in the fucl becomes even more
difficult.
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Catalyst Lightoff Experiments. In addi-
tion to the emissions generated during continu-

ous operation, more than 80% of the CO and

CO Efficiency (%)
a
S

40 HC emission occurs during cold start of the
vehicle before Lhe catalyst becomes active. Any

30 increase in "lightoff” temperature or "lightoff”
time due to sulfur addition will present major

20 ; : : ; p problems in meeting LEV and ULEV emissions
0 100 200 300 400 500 soo levcls, since the exiting flux of HCs and CO are
high during this period. Lightoff temperaturc

Fuet Sultur Level (ppmS) co%res ond% to the lcmperalu%c of the sﬂbslmle

100 at which the conversion efficiency of CO, HC
or NOx reaches 50%. Lightoff time refers to

90f---- the time during the transient test procedure at

which the conversion efficiency of CO, HC or
NOx reaches 50% conversion. Figure 5 shows
the effect of addcd fuel sulfur on catatyst ligh-
toff temperature of CO for all formulations stud-
ied. Lightoff temperature of HC and NOx will
follow the same trends as of CO, since they are
strongly dependent on the heat generated by the
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s exotherm during CO lightoff. \
NOx : ST meeoem In figure 5, the lightoff temperature is plolted as

50 L . L N i a function of sulfur level for each catalyst
o 100 200 300 400 500 800 formulation. The tri-metal and the Pd-only

Fuel_Sulfur Level (ppmS catalysts have the lowest lightoff temperatures

Figure 4: 1IC, CO and NOx efficiency versus of all formulations at 4K and 100K aging. At

— e irndi low sulfur level, the lightoff temperature for the
sulfur level. Solid curv es.uu{tca!e 4K aged Pd-only and lri-metalgcatalysls gre about 35°F
catalysts; dashed curves indicate 100K lower than for the PURh and Pd/Rh catalysts.
catalysts. Note: See figure 3 for legend. This is due to the excellent low teinperature CO

and HC kinetic properties of Pd. Since the tri-
metal catalyst has a multi-layered washcoat, the Pd-containing layer in this structure promotes low
temperalure lightoff. At higher sulfur levels, the lightoff temperature for the Pd-only and the tri-metal
formulations continue to be lower than the PURh and the Pd/Rh catalysts due to their higher initial
activities and the incorporation of stabiliziers and scavengers into their formulations to resist sulfur
poisoning. At 100K and high sulfur levels, both the tri-metal and the Pd-only formulations have the
lowest lightoff temperature.

Upon reproducible vchicle cold start, a direct relationship should exist between catalyst lightoff
lemperature, lightoff time and cold start emissions, assuming the catalysts have identical substrate
thermal inertia. and heat and mass transfer characteristics. Here, transient lightoff experiments were
conducted (o assess the lightoff time of each formulation, at all sulfur levels and at 4K and 100K.
Figure 6 shows the results of these transient fightoff experiments. The curve shows the retationship
between lightoff time for our experimental geometry and eatalyst lightoff temperature. It should be
noted that the exact values of lightoff time are unique to these experimental conditions. Both mass
flow rate and inlet gas temperature profile are eritical to the absolute values of lightoff time. As
expeeted, as the lightoff temperature increases, the lightof! time increases. Since all catalyst bricks
were of the same geometry, containing the same therma! incrtia and geometric surface area, the only
major differcnce between formulations arises through their differences in critical lightoff temperature.
As scen, there is a direct linear correspondence between lightoff temperature and lightoff time for all
catalysts studied. This suggests that the catalyst which retain the lowest lightoff temperatures during
aging and poisoning will lightoff sooner during vehicle cold start, thus producing fewer cold start
emissions.  As seen in the figures 5 and 6, increased sutfur concentration increases lightoff

temperature for all catalysts, suggesting that the corresponding vehicle emissions will be impacted in
a negative manner.
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crossover. Pd-only catalyst. Data at: 1) exp=-
260, eval=260; 2) exp=260, eval=34; 3) exp=34;
eval=34; 4) exp=587, eval=587; 5) exp=587,
eval=34; 6) exp=34, eval=34 ppmS.

Figure 6:  Transient lightoff time versus lig-

Iitoff temperature for all catalysts.

Catalyst cleaning To asscss the regeneration
of the catalyst afier exposure to sulfur, catalyst
performance for all formulations was evaluated
at several stages of cleansing. These stages
included: 1) exposure at 260ppmS; evaluation at
260ppmS; 2) evaluation at 34ppmS; 3) evalua-
tion at 34ppmS$ after high-temperature (660°C),
rich (A/F=13.6) cleaning for 30min; 4) exposure
at 587ppmS, evaluation at 587ppmS; 5) evalua-
tion at 34ppmS; 6) evaluation at 3dppmS after
high temperature, rich cleaning for 30 min. As
seen in figure 6 for a Pd-only catalyst at the
CO-NOx crossover point, more than half of the
efficiency loss due to sulfur poisoning is re-
gained when evaluation procceded using a low-
sulfur fuel. However, lo regain nearly all
efficiency toss, a rich high temperature cieans-
ing of the catalyst was necessary and is in
agreement with the work of Beck' et al. In
addition, trends for lightoff temperature are
similar to these in that the application of sulfur
in fuel raises the lightoff temperature and time
of the catalyst and a high tlemperature cleansing
:s nlecessary to return it to its pre-exposure
evels.

CONCLUDING REMARKS: In evaluating
fully formulated Tri-metal, Pd-only, Pt/Rh and

Pd/Rh catalysts at 4K or 100K miles of aging during the application of 34, 260 or 587 ppmS 10 the
fuc! stock, results indicate that the application of sulfur reduces catalyst efficiency (the Tri-metal
being the least affected) near stoichiometry and rich of stoichiometry. Moreover, it increases the lig-
hioff temperature and the lightoff time of all formulations evaluated. The consequence of these
results is the suggestion that, when operated on fucl containing elevated sulfur levels, overall vehicle
emissions system performance will degrade due to the increased sulfur level. Fortunately, when fucl
sulfur is removed much of the lost efficiency is regained, but to fully regain lost efficiency, a high
temperature, rich cleaning process must be applied. As seen, conversion efficiencies for CO, HC and
NOx nccessary 1o achicve LEV or ULEV emission levels will be significantly lowered due 1o fuel

sulfur and can impede attainment of these levels.
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INTRODUCTION

Setective catalytic removal of NOx from stationary emission  sources is -an important
and challenging task. Beyond the SCR (selective catalytic reduction of NOx) technology with
ammonia, a variety of alternative approaches have been explored in the past few years, such as
direct NO decomposition {1,.and references therein} and NO reduction by hydrocarbons [2-
14]. Most of the current studies involve C1 to C3 hydrocarbons as selective reducing agents for
NOx over metal zeolite catalysts. Among many performance factors, e.g., activity, selectivity
and catalyst stability, the inhibition or poison of catalyst by exhaust by-products, such as H20,
SO2 and other compounds are also important issues. The effect of H20 on catalyst
performance was tested for many of these systems. However, the effect of SO2 on NO
conversion for these systems has not been sufficiently addressed. Low levels of sulphur
compounds exist in most of the fuel sources we use today and is known to poison many
catalysts. Building upon our earlier work [2, 15-20], we extended our study to the effect of
SO2 on the catalyst performance. We describe here our studies on the effect of SO2 and/or
H20 on catalytic performance over Co-ZSM-5 and Co-ferrierite.

EXPERIMENTAL

The preparations of Co-ZSM-5 and ferrierite were described previously [16], and they
have the following compositions: Si/Al=11 and Co/Al=0.49 for Co-ZSM-5, and Si/Al=8.5
and Co/Al=0.39 for Co-ferrierite. The catalytic activities were measured using a micro-
catalytic reactor in a steady-state plug flow mode. Normaily a 0.10 g of sample was used for
activity measurement. The feed mixture typically consisted of 850 ppm NO, 1000 ppm CHg4
and 2.5% 02, and the total flow rate was 100 cc/min. (The space velocity was 30,000 h-1
based on the apparent bulk density of the zeolite catalyst, ~ 0.5 g/cc).

Water vapor was added to the feed using a H20 saturator comprised of a sealed glass
bubbler with a medium-pore frit immersed in de-ionized H20. Helium (25 cc/min) flowed
through the bubbler, carrying the H20 vapor to the feed. For reactions involving SO2, a
special, two-inlet reactor was used to minimize the contamination of the system by SO2
exposure. A SO2/He mixture (212 ppm) was added to the reactor via a separate inlet, and this
SO stream was mixed with other gases (NO/He, O2/He and CH4/He) in the quartz reactor
within the furnace. The final concentration of SO2 in the mixture was 53 ppm.

TPD measurements were conducted in the same reactor system. For a typical TPD
measurement, a 0.1g sample was used. A sample was pretreated in situ at 500°C in flowing He
for 1h. Alternatively, a catalyst was allowed to undergo a steady-state NO/CH4/O2 reaction in
the presence of SOz at 550°C for 2 h then flushed with He at the same temperature for 1h. In
both cases, temperature was decreased to 25°C in flowing He. The NO adsorption was carried
out at 25°C by flowing a NO/Ar/He mixture (1700 ppm NO, 5500 ppm Ar) through the sample
at 100 cc/min, and the effluent of the reactor was continuously monitored by a mass
spectrometer (UTI 100C). Typically, a period of 30 minutes is sufficient to achieve a saturation
for NO adsorption with 0.1 g catalyst. After the NO adsorption, the sample was then flushed
with a stream of He (100 cc/min.) at 25°C to eliminate gaseous NO and weakly adsorbed NO.
As the gaseous NO level returned to near the background level of the mass spectrometer, the
sample was heated to 500°C at a ramp rate of 8°C/min in flowing He (100 cc/min.), and the
desorbed species were monitored continuously by the mass spectrometer as a function of
time/temperature.

RESULTS AND DISCUSSION

The effect of SO2 addition on the NO conversion over a Co-ZSM-5 catalyst was tested
first with a dry feed. In the absence of S02, 39% NO was converted to N2 at 500°C. Upon
addition of 53 ppm of SOz, the NO conversion quickly increased to >50%, then gradually
decreased with time and reached to a stable level (~ 32%) in ~ 2.5 h. The dramatic change of
NO conversion in the initial period upon SOz addition reflects the accumulation process of
SO2 on the catalyst. Obviously, the first portion of SO2 deposited on the catalyst has most
impact on the NO conversion, and the steady-state NO conversion obtained after 2h in the SO2
containing stream indicates an achievement of an equilibrium condition for adsorption and
desorption of SO2. Interestingly, increasing the reaction temperature to 550°C in the presence
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of SO2 raised the NO conversion (o a new steady-state level at S3%, which is even higher than
that with a SO2-free feed at the same temperature (27%). Further increasing the temperature to
600°C decreased the NO conversion to 42%, which is still twice of that in the absence of SO2
(Table 1). Note, in the absence of SO2, the NO conversion has a maximum level at ~ 450°C
on Co-ZSM-5. The addition of SO2 shifts the optimum temperature to ~ 550°C. Therefore,
much higher NO conversions can be obtained at T > 550°C in a SO2 containing stream.

Table | summarizes the impact of SO2 and/or H20 on the catalytic performance of Co-
ZSM-5. At 600°C, the addition of H20 (2%) + SO2 (53 ppm)-does not have a significant
impact on the NO conversion. However, at T > 550°C, the presence of both SO2 and H20
significantly reduces the stabilized NO conversion. The positive effect of SOz with a dry feed
at 550°C.diminishes when H20 is added. Note, at 550°C 2% H20.alone has no impact on the
conversion.

Addition of SO2 also decreases the CH4 conversion (see Table 1) in a way consistent
with the change in NO conversion. When SO2 was added to the feed at 500°C, a continuous
decrease in CHa conversion was observed. For steady-state runs, substantially lower CH4
conversions resulted from SO2 addition. This decrease is more pronounced at lower
temperatures and with the co-presence of H20 vapor. The selectivity of CH4 is greatly
enhanced as the result of SOz addition. At 500°C, CH4 is consumed exclusively for the
reduction of NO.

‘To determine the fraction of Co covered by SOz during a'steady-state NO/CHa/O2
reaction, NO adsorption at room temperature and TPD of NO were carried out on a fresh and
SO2 exposed Co-ZSM-5 catalysts. A fresh Co-ZSM-5 was pretreated in situ at 500°C for 1 h
in flowing He (100 cc/min). A separate sample of Co-ZSM-5 was exposed to a feed containing
53 ppm SO2, 850 ppm NO, 1000 ppm CH4, 2.5% O2 at 550°C for 2 h. The sample then was
flushed with He at the same temperature for 1h to flush out the gaseous SOz and subsequently
cooled down to room temperature in flowing He. The TPD measurements with the SO2
exposed Co-ZSM-5 indicate a complete disappearance of the NO desorption peak at 360°C and
decreased intensities for the desorption peaks at 290 and 220°C. The low temperature
desorption peaks are unaffected. The quantification of the TPD measurements gives 0.88
mmol/g (1.35 NO/Co) and 0.65 mmol/g (1.0 NO/Co) for fresh and SOz exposed Co-ZSM-5,
respectively. The SO2 coverage is 26% of the total Co sites.

We reported earlier that Co-ferrierite is more active and selective than Co-ZSM-5 [16,
19]. However, Co-ferrierite is more sensitive to SO2. At 500°C (in the absence of H20), upon
addition of 53 ppm SO2, the NO conversion, initially 61%, decreased with time and stabilized
at 16% after ~ 2 h. Increasing temperature to 550°C in the presence of SO raised the NO
conversion to 23% initially, and the conversion increased only slightly in 1.5 h. After
eliminating the SO2 from the feed the conversion increased with time (from 25 to 32% in 1.5
h). [As shown in Table 2, in the absence of SOz the NO conversion is 50% at 550°C] Note, a
smalt further decrease resulted due to the addition of 2% H20 vapor in a SO2 containing feed.
In the presence of SO2 and H20, the optimum operating temperature is shifted to 600°C. With
2500 ppm CHa4 [Our normal [CH4] is 1000 ppm.], NO conversions of 65 and 45% were
obtained in the presence of 53 ppm SO2 under dry and wet conditions, respectively, which are
comparable to those in a SO2 free feed (56% in dry feed and 51% in wet feed). Similar to Co-
ZSM-5, a dramatic decrease of CH4 consumption was found due to SOz addition.

The TPD profiles performed on Co-ferrierite show a substantial reduction in intensity
for the NO desorption peaks at ~ 160 and 220°C on the SO2 exposed Co-ferrierite, while other
desorption peaks remain same. The amounts of NO desorption integrated from the TPD
measurements are 0.91 mmol/g (1.35 NO/Co) and 0.68 mmol/g (1.0 NO/Co) for fresh and
SO2 exposed Co-ferrierite, respectively (26 % reduction of NO desorption on the SO2 exposed
Co-ferrierite).

Obviously, the change in topology of zeolite has a strong impact on the effect of SO5.
With a dry, SO2 free feed, Co-ferrierite is more active than Co-ZSM-5 for the NO/CH4/O2
reaction, but in the presence of SO2, Co-ZSM-5 is more active. Under certain conditions, SO2
even doubles the NO conversion on Co-ZSM-5. It is possible that SO2 preferentially adsorbs
on the sites on the outer surface of the zeolite or at the entrance of the 10-member rings. Based
on our earlier studies of Co-zeolites with various exchange levels of Coz+, we believe these
sites are less selective for the NO reduction but more active for the combustion of CHs.
Exposure of SOz at high temperatures may selectively poison these sites. The TPD profile of
Co-ZSM-5 indicates a wide distribution of sites. While on Co-ferrierite, the NO desorption is
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dominated by the peak at 160 oC, and this peak was significantly reduced by SOz exposure.
On Co-ferrierite SO2 reduces the NO conversion at all temperatures. In contrast to SO2
poisoning, H20 molecules adsorb on Co2+ sites uniformly, and consequently the CHg4
selectivity does not change significantly (see Tables 1 & 2).

CONCLUSIONS

Co-ZSM-5 and Co-ferrierite behave differently in response to SO2 addition. Over Co-
ZSM-5, SOz significantly enhances the NO conversion at T > 500°C in a dry feed; while
over Co-ferrierite, SOz greatly reduces the NO conversion. However, Co-ZSM-5 suffers
significant activity loss when both SO2 and H20 are added to the feed. On Co-ferrierite, the
presence of both SO2 and H20 only caused a modest decrease in NO conversion compared to
SO2 alone. On the other hand, on both catalysts SO2 inhibits the CH4 combustion activity
more than NO reduction. As a result, the CH4 selectivity improved dramatically. SO2 poisons
the catalyst by strongly adsorbing on the Co2+ sites. The degree of the reduction of the number
of sites over both catalysts was measured by TPD and revealed that about 30% of the Coz+
sites are blocked under steady-state reaction conditions at 550°C. Interestingly, the preference
of SO2 adsorption on Co2+ sites is not the same on these two catalysts (due to their different
structural characteristics), which may be the reason why they response to SO2 addition
differently.
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Table | Effect of SO, on conversions/selectivity over Co-ZSM-52
(SO 500 oC 550 °C 600 °C
(ppm) dry wetb dry wetb dry weth
NO conv. 4] 39 30 27 28 21 22
(%) 53 32d 15 55 25, 18¢ 2 24
CHy conv. 0 91 38 100 86 100 100
(%) 53 13d 6 47 25, 19¢ 93 78
Selectivity 0 18 33 11 14 9 9
(%) 53 ~100d 100 50 43, 40¢ 19 13

& Feed: 850 ppm NO, 1000 ppm CHy, 2.5% Oy; P 2% H,0 added; © overnight run; U stabilized conversion or
selectivity.

Table 2 Effect of SO, on conversions/selectivity over Co-ferrierite?

[SO;] 500 °C 550 °C 600 °C
(ppm) dry wetb dry weth dry wetD
NO conv. 0 61 28 50 40 40,56d 32,51
(%) 53 16¢ 13 25 18 30,650 24, 45d
CH4 conv. 0 60 23 93 75 100, 1004 100, 1004
(%) 53 6¢ 5 10 9 53,564 31, 55d
CHy selec. 0 43 52 2 23 17, 104 14, 9d
(%) 53 ~100¢ 100 100 85 24,200 33, 14d

# Feed: 850 ppm NO, 1000 ppm CHy, 2.5% Oj; 2% H,O added; © stabilized conversion @ [CHy) = 2500ppm.
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